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ABSTRACT 
The use of biomass as a potential feedstock for the production of liquid hydrocarbon fuels 
has been under investigation in the last few decades. This paper discusses a preliminary design 
and a feasibility study of producing liquid hydrocarbon fuels from biomass through a combined 
biochemical and thermochemical route. The process involves anaerobic digestion (AD) of the 
biodegradable portion of the biomass to produce methane rich gas. The methane rich biogas stream 
is purified by removing contaminants and upgraded to liquid hydrocarbon fuel in a gas to liquid 
facility (GTL) via thermochemical conversion route. The biogas conversion involves two major 
steps: tri-reforming step to produce syngas (a mixture of CO and H2), and Fischer-Tropsch 
Synthesis (FTS) step to convert the syngas to a spectrum of hydrocarbons. Separation and 
upgrading of the produced hydrocarbon mixture allows production of synthetic transportation 
fuels. AD is ranked as one of the best waste management options as it allows for: energy recovery, 
nutrient recovery, and reduction in greenhouse gases emission.  
A detailed process modeling of the process was carried out using ASPEN Plus process 
design software package. Data for the process was based on literature on AD combined with 
laboratory results on the biogas to liquid conversion process. The composition of the final liquid 
hydrocarbon from the ASPEN model has been compared to the composition of commercial diesel 
fuel, and results have shown good agreement. As a result, the most current commercial diesel 
prices were used to evaluate the potential revenue from selling the product in the open market.  
The total capital investment to construct the plant with a capacity of handling 100,000 ton 
per year of wet biomass is $16.2 million with a potential of producing 2.60 million gallons of 
viii 
diesel. The base case feedstock is corn stover. The annual operating cost to run the plant is 
estimated to be $8.81 million. An annual revenue from selling the diesel product is estimated to 
be $14.6 million taking into account a green energy incentive of $3.00/gallon of diesel sold. The 
net present worth at the end of the plant life is $8.76 million with a discounted cash flow of return 
of 26.2%. The breakeven cost of diesel is determined to be $4.34/gallon assuming no tipping fees 
are charged for handling the waste.  
Sensitivity analyses results concluded that the profitability of the process is most sensitive 
to variation in diesel selling price. Based on these results, it can be concluded that the process is 
profitable only if incentives are provided for renewable fuels due to the current low prices of fossil 
fuels. 
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CHAPTER 1: INTRODUCTION AND OBJECTIVES 
1.1. Introduction 
Increasing world consumption of energy suggests that the oil demand would surpass the 
production of oil in the near future. As a result, the driving force towards generation of renewable 
energy has increased.  Research efforts in the renewable energy and synthetic fuel areas have been 
increasing as a result.  
Biomass has been in use as an energy source since the early stages of human life when 
wood was used for cooking and heating purposes [1]. Examples of biomass are: wood, agricultural 
wastes, food crops, organic fraction of municipal and industrial waste, and gas and waste from 
animal farms [2]. Biomass has provided 5% of the primary energy used in the U.S. as of 2016 and 
an increase in utilizing biomass is anticipated [1]. Conversion of biomass to biofuels offers a 
sustainable alternative to fossil fuel. Unlike fossil fuel which releases carbon that have already 
been safely stored underground as carbon dioxide into the atmosphere, synthetic biofuel makes 
use of carbon in biomass that is taken up from the atmosphere through photosynthesis on a 
renewable basis [3]. Instead of using food-based feedstocks such as corn and sugar cane, a 
sustainable expansion of the biofuel industry would require waste feedstocks like organic fraction 
of municipal solid waste, animal manure, and agricultural residues, in order to avoid shortages in 
food supply [4]. 
As years pass and technologies advance, more convenient ways of storing energy have 
emerged. Liquid fuels are an attractive and convenient way of storing and transporting energy in 
a chemical form due to their high energy density.  
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Many alternative technologies for converting biomass to biofuels have emerged over the 
years. They can be classified into two broad categories:  biochemical and thermochemical routes. 
AD of the biodegradable portion of biomass to produce biogas is a well-established biochemical 
process for energy recovery. Biogas can be upgraded produce compressed natural gas (CNG); 
however, other ways of utilizing biogas include heat generation, electricity generation, and fuel 
cells [5]. In this thesis biogas is upgraded to biofuel through a series of chemical processing called 
Gas-to-Liquid technology (GTL).  
1.2. Objectives and Motivation 
 A recent research study done in the Department of Chemical and Biomedical Engineering 
at the University of South Florida on implementing chemical processing technologies to mitigate 
landfill emissions through utilizing emitted gases to produce liquid transportation fuels [6] has 
shown a promising environmental and profitable waste management option. At the same time, 
another study was being conducted by the Department of Civil and Environmental Engineering 
which assessed the outlook of high solid anaerobic digestion (HS-AD) in the U.S. as a whole and 
in Florida specifically. The study revealed that AD is ranked as the top option for managing the 
organic fraction of municipal solid waste with energy and nutrient recovery [7]. AD has been 
proven to be a great potential alternative to landfilling to produce methane rich gases in a contained 
environment. Although AD has been known for many years to convert organic wastes into methane 
rich gas, the study shows a promising approach of operating AD with increased organic loading 
rates often called HS-AD. This methodology lowers water demands for the process as well as 
drying requirements for the solid portion of the AD product known as digestate. 
Both research studies formed a driving force to build a model that integrates an AD plant 
and biogas upgrading plant to produce a liquid transportation fuels plant. Liquid transportation 
3 
fuels are a convenient way of storing energy in the chemical form. Moreover, liquid fuels have 
very high energy density which ease handling and transportation. The process involves a 
biochemical route—converting biomass to biogas, and a thermochemical route—converting 
biogas to liquid hydrocarbon fuels. Combining both routes into a computer model would facilitate 
designing and testing the feasibility of such process as a whole. Therefore, ASPEN Plus, a 
computer software which predicts the behavior of a chemical process quantitatively using 
fundamental thermodynamic relationships, mass and energy balances, and reaction kinetics [8], is 
used to simulate the process accompanied by an economic and profitability analysis following 
guidelines explained in [9] to study the feasibility of the proposed process. 
An outline of the thesis is as follows. Chapter 2 provides some background information 
about AD in general as well as different ways of modelling AD process. In addition, it talks about 
GTL technology which mainly contain two major units: reforming unit, and FTS unit. Chapter 3 
includes simplified block flow diagram and description of each unit in the process. Chapter 4 
discusses process modelling and design along with heat integration within the process. Chapter 5 
present costing methods and assumption made for the economic analysis. Chapter 6 shows the 
results from the economic analysis including: profitability analysis, and sensitivity analysis. 
Chapter 7 offers recommendations for future improvements to enhance the results of the study.  
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CHAPTER 2: LITERATURE REVIEW AND BACKGROUND 
Conversion of biomass to liquid fuel involves biochemical and thermochemical routes. 
Biochemical conversion of biomass involves the use of enzymes and microorganisms to produce 
high calorific value gas called biogas through the digestion of biomass in a process called 
anaerobic digestion. Thermochemical route involves the use of heat and chemical processing to 
convert biomass into more energy dense chemicals called liquid fuels [10].  
2.1. Biochemical Route 
Biochemical route to produce biofuels has been known for a long time. In fact the first man 
made fuel (ethanol) is made through a biochemical route. Commonly known biochemical routes 
are microbial fermentation of sugar to ethanol and AD of biomass to gaseous fuel. AD existed 
since the beginning of life but had not been systematically investigated until the ancient Persians 
understood that rotting food and vegetable give off a flammable gas. In the 16th century, Scholar 
Sheikh Bahai built a water heating system in a public bathroom running on a single flame candle 
utilizing the flammable gas (biogas) produced from a nearby sewage in Isfahan [11]. Biogas is a 
gaseous fuel produced by the biological breakdown of organic matter through AD. AD is a natural 
process driven by microbial microorganisms in which biodegradable feedstocks are digested in the 
absence of oxygen. Common biodegradable feedstocks such as food waste, agriculture waste, 
animal manure, and waste water sludge, are converted to biogas and digestate in a digester. 
Methane rich gas (biogas) has the potential of creating a new energy route for producing liquid 
fuels through upgrading. Upgrading involves several chemical and thermo-chemical processes 
5 
including: biogas cleanup from contaminants, and utilization of existing technologies to produce 
liquid hydrocarbon fuels.  
AD is a broad topic and many ongoing research efforts are being conducted to: test it with 
different substrates and conditions, optimize it, and understand it in the micro-level. Efforts of the 
modeling section of this thesis are more focused on the mass and energy balance aspect of the AD 
based on stoichiometric reactions rather than the biological mechanism of microbial digestion. 
Nevertheless, a thorough literature review on the biological mechanism of the AD process has 
been performed prior to brainstorming and initializing a mathematical simulation of the AD 
process in ASPEN Plus.  
AD yields two major products: biogas, and digestate. Digestate is the leftover solid material 
exiting the anaerobic digester along with excess water. Digestate can be sold as bio-fertilizer while 
biogas can be upgraded and sold as vehicle fuel or used for electricity and heat generation [12].  
2.2. Thermochemical Route 
A recent research study done by Gardezi et al projected the process economics of 
thermochemical conversion of biomass to liquid fuels (BTL) using a purely thermochemical route 
[13]. Biomass is gasified to produce bio derived syngas which is further processed to produce 
biodiesel through FTS. The bench scale study used pine chips as the biomass feed to the gasifier. 
Results have shown a breakeven cost of synthetic oil of $2.95/gallon for operation with biomass 
as the sole feedstock and a $2.26/gallon for natural gas assisted operation. The lower cost of natural 
gas assisted process is attributed to the falling price of natural gas which provide a more 
economical solution for a short term to produce liquid fuels from biomass. 
A related study done by Kent [6] investigated the feasibility of producing liquid 
hydrocarbon fuel from landfill gas through a thermochemical route. Landfill gas is produced 
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through naturally occurring of biological nature. In the proposed process landfill gas is upgraded 
to synthetic gasoline precursor and diesel through four main chemical processing steps. The first 
step involve cleanup of landfill gas to remove contaminants such as hydrogen sulfide, water 
moisture, and siloxanes. Those contaminants can cause damage to the equipment downstream and 
catalyst deactivation. The second step converts purified landfill gas to syngas (a mixture of 
hydrogen and carbon monoxide) through a thermochemical process called tri-reforming. The third 
step converts syngas to synthetic hydrocarbon fuel through a thermochemical process (FTS). The 
fourth step involves chemical processing and separation of hydrocarbon fuels produced from FTS 
to allow the production of gasoline and diesel [6]. The study showed that the process for producing 
liquid fuels from LFG could be profitable under current fuel prices even without renewable fuel 
incentives. 
2.3. Anaerobic Digestion Process Configuration 
Anaerobic digestion process has different configurations and operating conditions. It can 
be categorized in terms of spatial partition, temperature regime, stirring, loading schedule, solid 
content, and number of substrates fed to the digester. There are two main types of AD in terms of 
solids content, high-solid anaerobic digestion (HS-AD), and low-solid anaerobic digestion (LS-
AD). The cutoff point between HS-AD and LS-AD is 15% total solid (TS) content. In extreme 
cases HS-AD is operated with 40% TS. HS-AD has an advantage over LS-AD for being more 
efficient in terms of digester volume requirements, water usage, and parasitic energy losses [14].  
HS-AD is used to increase organic loading rate entering the digester while decreasing the 
water requirement needed to dilute the feed to the digester [15]. This results in smaller digester 
volume and less thermal treatment requirements for the drying of digestate. Key parameters under 
investigation in HS-AD technologies are: organic loading rate (OLR), hydraulic retention time 
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(HRT), total solid content, mass transfer limitations, and methane yield [16]. Study [17] tested HS-
AD of chicken manure at mesophilic conditions with different HRT’s while keeping the OLR 
constant. The study revealed stable volumetric gas production rates for hydraulic retention times 
of 20-45 days with constant OLR of 6.0 g VS/L/day [17]. However, accumulation of volatile fatty 
acid was noticed when HRT is decreased to 10 days. This is mainly due to the excess washout of 
microorganisms [17].   
Spatial partition of AD can be single stage or multi-stage. Single stage AD is easier to 
operate than multi-stage AD. However, multi-stage AD can be beneficial to optimize the 
production of methane as it allows the separation of methane and acid producing microorganisms 
[15]. AD can be operated using single substrate or multi-substrate (also known as co-digestion). 
The co-digestion helps balancing nutrient needed by bacterial microorganisms. Unbalanced 
nutrients can limit the biogas production due to the inappropriate carbon to nitrogen (C/N) ratio 
causing inhibitory conditions to the AD. This is mainly a problem for AD of a single substrate. 
Co-digestion of smartly chosen substrates helps achieving ideal C/N ratio for microorganisms, 
typically in the range 20-30 [18].  Common temperature regimes for AD are mesophilic 37 oC and 
thermophilic 55 oC [19].   
 Operation of AD in term of stirring is categorized as plug-flow, completely stirred, and 
percolation. Loading schedule for AD is of 3 main types continuous, batch, and quasi-batch [19].  
2.4. Available Techniques to Model Anaerobic Digestion 
There are several ways to estimate the amount of biogas produced from the AD of 
biodegradable substrates. Most importantly predicting the amount of methane produced, which is 
often called the biochemical methane potential (BMP) [20]. Although experimental methods to 
estimate the biochemical methane potential (BMP) such as: biochemical methane potential test 
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and spectroscopy, are credited for their reliability and validity, theoretical models can be developed 
to get preliminary estimates of the BMP within reasonable accuracy [20]. Examples of theoretical 
models vary in their complexity and reliability. They range from simple stoichiometric models to 
more complex models which include kinetics of the microbial reactions as well as inhibition 
factors. 
2.4.1. Anaerobic Digestion Model No. 1 (ADM1) 
Most kinetic based models rely on a widely recognized AD model called the Anaerobic 
Digestion Model No. 1 (ADM1) developed by a group of researchers funded by the International 
Water Association (IWA). They categorized the AD process into two main reaction categories 
physiochemical reaction and biochemical reactions [21]. 
The biochemical process involves the disintegration of complex particulates present in the 
biomass, hydrolysis, acidogenesis, acetogenesis and methanogenesis. Disintegration of complex 
particulates in the biomass sort the biomass into carbohydrates, proteins, and lipids. Hydrolysis 
converts carbohydrates, proteins, and lipids to sugars, amino acids, and fatty acids. Acidogenesis 
takes place to convert sugars and amino acids, and fatty acids to volatile fatty acids. Acetogenesis 
converts volatile fatty acids to hydrogen, carbon dioxide, and acetate. Methanogenesis converts 
acetate to methane and carbon dioxide.  
The physiochemical reactions are not biologically mediated and described by ion exchange 
and gas-liquid transfer. The ADM1 can be implemented as a set of differential equation with 32 
dynamic state variables for the concentrations or as a set of differential and algebraic equation 
(with 26 dynamic state variables, and 8 implicit algebraic variables) [21]. Several modelers tried 
to implement the ADM1 into process simulation and optimization tools such as ASPEN Plus with 
complex kinetics and biochemical reaction rate coefficients from ADM1 technical and scientific 
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report [21-23]. In [22, 23] FORTRAN subroutines were used along with biochemical reactions 
and their kinetics to account for ammonia and pH inhibitions. However, rate coefficient can differ 
from substrate to another and the BMP can be slightly off the experimental BMP.  
According to IWA task group [21], ADM1 does not describe all mechanisms taking place 
during anaerobic degradation of organic waste but yet provide sufficiently accurate predictions. 
Model calibration and validation to achieve sufficient accuracy is needed when implemented for 
process development and optimization due to varying demands in the fields. Other methods to 
model the AD process with a simpler non-kinetic approach are presented in the subsequent 
sections. 
2.4.2. Organic Fraction Method 
 The organic fraction method can estimate the amount of methane produced per mass of 
volatile matter digested; however, it cannot predict the amount of other gases present in the biogas. 
This approach has been used for comparison with the obtained results from the proposed ASPEN 
model. The volume of methane produced per mass of VS digested can be theoretically estimated 
using this method as follows [24]: 
𝐵𝑀𝑃𝑡ℎ𝑒𝑜𝑟𝑒𝑡𝑖𝑐𝑎𝑙 (
𝑚𝐿 𝐶𝐻4
𝑔 𝑉𝑆
) = 415 ∗ %𝑐𝑎𝑟𝑏𝑜ℎ𝑦𝑑𝑟𝑎𝑡𝑒𝑠 + 1014 ∗ %𝑙𝑖𝑝𝑖𝑑𝑠 + 496 ∗ %𝑝𝑟𝑜𝑡𝑒𝑖𝑛𝑠 
2.4.3. Elemental Composition Method Based on Buswell Formula 
Unlike the organic fraction method, the modified Buswell and Mueller chemical reaction 
predicts the amounts of other gases produced in the AD process besides methane. The Buswell 
and Mueller chemical reaction (1952) was modified by Boyle to include the fractions of ammonia 
and hydrogen sulfide [25]. The modified reaction is: 
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4
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8
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4
) 𝐶𝑂2 + 𝑑𝑁𝐻3 + 𝑒𝐻2𝑆 
where constants a, b, c, d, and e are calculated based on the ultimate analysis data and molecular 
weights of C, H, O, N, and S: 
𝑎 =
%𝐶 (𝑢𝑙𝑡𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)
𝑀𝑊𝐶
 
𝑏 =
%𝐻 (𝑢𝑙𝑡𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)
𝑀𝑊𝐻
 
𝑐 =
%𝑂 (𝑢𝑙𝑡𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)
𝑀𝑊𝑂
 
𝑑 =
%𝑁 (𝑢𝑙𝑡𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)
𝑀𝑊𝑁
 
𝑒 =
%𝑆 (𝑢𝑙𝑡𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)
𝑀𝑊𝑆
 
As shown in the equation above, this method requires knowledge of the composition of the 
substrate but can estimate the composition of the biogas stream. Hence, the volume of methane 
produced per mass of volatile solid (VS) digested can be theoretically estimated as: 
𝐵𝑀𝑃𝑡ℎ𝑒𝑜𝑟𝑒𝑡𝑖𝑐𝑎𝑙 (
𝑚𝐿 𝐶𝐻4
𝑔 𝑉𝑆
) =
(22.4
𝐿
𝑚𝑜𝑙) ∗ (1000
𝑚𝐿
𝐿 ) ∗ (
𝑎
2 +
𝑏
8 −
𝑐
4 −
3𝑑
8 −
𝑒
4)
𝑚𝑜𝑙
𝑔 𝑇𝑆
(𝑀𝑊𝐶 ∗ 𝑎 + 𝑀𝑊𝐻 ∗ 𝑏 + 𝑀𝑊𝑂 ∗ 𝑐 + 𝑀𝑊𝑁 ∗ 𝑑 + 𝑀𝑊𝑆 ∗ 𝑒)
𝑔 𝑉𝑆
𝑔 𝑇𝑆
 
The main drawback of using the extended Buswell equation is the difficulty in 
differentiating between the readily biodegradable, slowly biodegradable, and non-biodegradable 
(fixed) portions of the substrate. In addition, the equation assumes full conversion of substrate 
without the ability to monitor the non-digestible part of the substrate. Nonetheless, this approach 
is beneficial to get an overview of the maximum methane potential in the substrate without the 
need of complex computation or powerful modeling tools.  
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2.4.4. Stoichiometric Reactions Model 
This approach is based on modeling the AD process considering the degradation of each 
component contributing to the biogas composition. The advantage of this approach is its ease of 
use for any substrate with known ultimate analysis, and the fact that the fractional conversion of 
each component can be tailored to account for the biodegradability of the substrate [26].  
The AD process involves complex bacterial interactions. Modelling efforts described the 
process with as much as 46 reactions to account for the breakdown of organic matter by 
microorganisms [22, 23]. In this model a simplified method was developed to represent the AD 
process with 6 stoichiometric reactions set for full fractional conversion of the limiting reactant:  
1. 𝑁2 + 3𝐻2 → 2 𝑁𝐻3 
2. 𝑆 + 𝐻2 → 𝐻2𝑆 
3. 2𝐻2 + 𝑂2 → 2𝐻2𝑂 
4. 𝐶 + 2𝐻2 → 𝐶𝐻4 
5. 𝐶 + 𝑂2 → 𝐶𝑂2  
6. 2𝐶 + 2𝐻2𝑂 → 𝐶𝐻4 + 𝐶𝑂2 
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CHAPTER 3: PROCESS DESCRIPTION 
As stated earlier, biomass can be converted to liquid transportation fuels by combined 
biochemical and thermochemical means. The biochemical route involves utilizing AD through 
which the biodegradable portion of the biomass is digested via the microbial communities and 
biogas is produced as a result. The thermochemical route includes tri-reforming, and Fischer-
Tropsch synthesis in which purified biogas is upgraded to liquid hydrocarbon fuels. In this chapter, 
a simplified process description along with a discussion of the main process units are introduced.  
3.1. Simplified Block Flow Diagram of the Process 
 
Figure 3.1:  Block Flow Diagram of the Process 
As shown in Figure 3.1, the process consists of 5 major processing steps: 
1. AD to produce biogas 
2. Biogas cleanup unit to remove contaminants from the biogas 
Anaerobic 
Digester
Biogas 
Cleanup
Reformer FTS 
Reactor
Separation Diesel
Biomass
Biogas Purified
Biogas
Syngas Liquid 
Hydrocarbons
Water
De-watering
Digestate
Liquid-Solid 
Mixture
Recycle
Light Gases
WaterWater
Recycle to Reformer Tube
Recycle to Reformer Furnace
Fertilizer
Waste 
Treatment
Waste 
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3. Reforming unit to produce syngas 
4.  Fischer-Tropsch Synthesis (FTS) reactor to produce liquid hydrocarbon fuels from 
syngas 
5. Separation unit to refine the produced liquid hydrocarbons into diesel fuel, plus 
water and light hydrocarbon gases  
3.2. Process Description 
3.2.1. Anaerobic Digestion Unit 
 
Figure 3.2: Simplified Block Flow Diagram of the Anaerobic Digestion Process 
The first step in the process is the AD. As explained in the earlier chapters, AD yields two 
main products: methane rich gas called biogas, and digestate which contains the undigested portion 
of the fed biomass along with excess water. Biogas is sent to a purification unit for further 
upgrading, while the digestate is dewatered. Digestate is allowed to aerobically compost prior to 
distributing it as bio-fertilizer. It is assumed that additional treatment of the digestate is 
unnecessary since microorganisms present are anaerobic and would decay during the aerobic 
composting and distribution processes.  
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Biogas
De-watering
D
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3.2.2. Biogas Cleanup Unit 
 
Figure 3.3: Simplified Block Flow Diagram of Biogas Cleanup Unit 
Biogas contaminants include: ammonia, water vapor, hydrogen sulfide, and siloxane. 
Removal of hydrogen sulfide from biogas can be done through various chemical processing such 
as: solid beds, chemical solvents, and physical solvents. The technique used in this project is solid 
beds due to their industrial maturity. There are several types of solid beds such as: iron sponge, 
sulfa-treat, zinc oxide, and molecular sieves [27]. Removal of H2S using iron sponge bed requires 
temperature, and pH control. For optimal removal efficiency, temperature has to be maintained 
below 47 oC, while pH has to be maintained in slightly basic conditions (pH range 8-10) in order 
for the reaction between hydrogen sulfide and iron oxide to occur [28].  
 There are three different types of commercial iron oxide media that are commonly used: 
iron sponge, sulfatreat, and sulfurrite [29]. Sulfatreat and sulfurrite are newer and slightly more 
efficient than iron sponge; however, they are non-regenerable. Moreover, they’re about 5 to 9 
times more expensive than iron sponge. Iron sponge cost about $ 0.35-1.55 per kg H2S removed, 
while sulfa treat and sulfa rite cost about $4.85-5.00 and $7.95-8.50 per kg H2S removed [29]; 
therefore, iron sponge is selected as the media for the iron oxide bed to remove hydrogen sulfide. 
Iron Oxide 
Bed
Biogas
Purified
Biogas
Activated 
Carbon Bed
Flash 
Separator
Chiller
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According to the H2S removal reaction below, every 1 kg of iron oxide (Fe2O3) can remove 0.64 
kg of H2S [29, 30]; 
𝐹𝑒2𝑂3  +  3𝐻2𝑆 → 𝐹𝑒2𝑆3  +  3𝐻2𝑂 
however, this efficiency is theoretical and about 85% of this efficiency can be achieved using iron 
sponge meaning 0.54 kg H2S is removed per 1 kg of Fe2O3 added. 
 Iron sponge consist of iron oxide supported on wood chips that way it will not wash off or 
migrate with the biogas. Adding wood chips to the mixer provides better control over the: pH, 
moisture, bulk density, and iron oxide content. Also, it minimizes the tendency to cake [31]. 
Some other hydrogen sulfide removal technologies suggests the use of iron salts fed 
directly to the digester to permit binding to H2S. This has a positive effect on the microbiological 
processes taking place and can lead to an increase in the methane concentration; however, this 
method can only be considered as partial hydrogen sulfide removal technology [32]. 
Further purifying steps to clean the biogas from: water vapor, ammonia, and other 
contaminants is done through two more steps. The two-step process involves a chiller, and an 
activated carbon bed. The chiller is used to remove water vapor and dissolved contaminants, and 
the activated carbon bed is used to remove the remaining contaminants such as: ammonia and 
siloxane. A chiller is used downstream to the iron oxide beds since the reaction between H2S and 
iron oxide requires sufficient water vapor [27]. 
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3.2.3. Biogas Upgrading Steps 
 
Figure 3.4: Simplified Block Flow Diagram of Biogas Upgrading Steps 
Conversion of purified biogas to syngas is done through tri-reforming of biogas, steam, 
and air at 850 oC and 3 bar. Tri-reforming includes 3 main reactions [33]: 
1. Dry reforming: 
𝐶𝐻4 + 𝐶𝑂2 → 2 𝐶𝑂 + 2𝐻2         ∆𝐻 = 247.3
𝑘𝐽
𝑚𝑜𝑙
 
2. Steam Reforming: 
𝐶𝐻4 + 𝐻2𝑂 → 𝐶𝑂 + 3𝐻2          ∆𝐻 = 206.3
𝑘𝐽
𝑚𝑜𝑙
 
3. Partial Oxidation: 
𝐶𝐻4 +
1
2
𝑂2 → 𝐶𝑂 + 2𝐻2       ∆𝐻 = −35.6
𝑘𝐽
𝑚𝑜𝑙
 
Reformer FTS 
Reactor
Separation Diesel
Syngas Liquid 
Hydrocarbons
Light Gases
Water
Recycle to Reformer Tube
Recycle to Reformer Furnace
Purified
Biogas
17 
The use of steam and dry reforming simultaneously provide the required H2/CO ratio, while the 
addition of oxygen (partial oxidation) minimizes energy consumption due to its exothermic nature 
[33]. The tri-reforming process is catalyzed using rare metals such as platinum (Pt), rhodium (Rh), 
ruthenium (Ru), or nickel (Ni) with magnesium (Mg) as a surface co-catalyst. Nickel is the most 
economical catalyst option due to its abundance. Common catalyst supports are cerium oxide 
(CeO2), zirconium oxide (ZrO2), or mixture of both (Ce,Zr)O2 due to their high surface area and 
oxygen storage capacity. Recent research group work used NiMg/Ce0.6Zr0.4O2 as a catalyst for the 
tri-reforming process [34]. Other side reactions include water gas shift (WGS) reaction, 
combustion of methane, thermal decomposition of methane, and Boudouard reaction [6, 35]: 
1. Water Gas Shift: 
𝐻2𝑂 + 𝐶𝑂 → 𝐶𝑂2 + 𝐻2        ∆𝐻 = −41.09
𝑘𝐽
𝑚𝑜𝑙
 
2. Combustion of Methane:  
i. Complete Combustion: 
𝐶𝐻4 + 2𝑂2 → 𝐶𝑂2 + 2𝐻2𝑂       ∆𝐻 = −880
𝑘𝐽
𝑚𝑜𝑙
 
ii. Incomplete Combustion: 
𝐶𝐻4 + 1.5𝑂2 → 𝐶𝑂 + 2𝐻2𝑂       ∆𝐻 = −520
𝑘𝐽
𝑚𝑜𝑙
 
3. Thermal Decomposition of Methane: 
𝐶𝐻4 → 𝐶(𝑠) + 2𝐻2         ∆𝐻 = 74.9
𝑘𝐽
𝑚𝑜𝑙
 
4. Boudouard reaction: 
2𝐶𝑂 → 𝐶(𝑠) + 𝐶𝑂2      ∆𝐻 = −172.2 
𝑘𝐽
𝑚𝑜𝑙
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Syngas is a mixture of hydrogen and carbon monoxide which can be used as the building 
block of synthetic transportation fuels via Fischer-Tropsch synthesis. Syngas is converted to long 
chain hydrocarbons through FTS reaction: 
𝑛𝐶𝑂 + (2𝑛 + 1) 𝐻2 → 𝐶𝑛𝐻2𝑛+2 + 𝑛𝐻2𝑂 
The FTS reaction is catalyzed using transition metals such as cobalt (Co) and iron (Fe) 
supported with aluminum oxide (Al2O3) or silicon dioxide (SiO2) [36, 37]. Previous studies from 
the research group utilized cobalt silica (Co/SiO2) eggshell catalyst for FTS [36, 38]. Products 
from FTS reactor need to be further processed and purified to produce the final diesel product. 
This step is done through cooling down FTS product to condense out water moisture and separate 
light gases from the heavier liquid hydrocarbons (diesel).  
The process involves multiple steps in which biomass is converted to biogas via a 
biochemical route. The purified biogas is converted to diesel fuel through a thermochemical route. 
The next chapter discusses the process modelling approach in ASPEN Plus which involves the 
biodegradation of biomass through AD and the upgrading of biogas to diesel. 
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CHAPTER 4: PROCESS MODELLING AND DESIGN 
4.1. Basis and Assumptions 
 The base case substrate used to develop the model is set to be corn stover. This is mainly 
due to the large corn production industry in the United States which ranked 1st worldwide as of 
March 2017 with 385 million metric tons [39]. Other substrates commonly used as feedstocks to 
HS-AD were considered as well to test the ASPEN Plus model of the AD such as: wheat straw, 
rice straw, and food waste [40].  
 Typical HS-AD plants capacities range from 4,000 tons per year to as high as 100,000 tons 
per year [7, 41]. Most operational HS-AD plants are located in Europe especially in Germany due 
to the strong development of AD systems on farms [42]. Table 4.1 shows some operational HS-
AD plants along with their capacities. Based on the literature review of HS-AD plants a capacity 
of 100,000 tons per year biomass feed (wet basis) is set as the base case.   
Table 4.1: Capacities of some Operational High-Solid Anaerobic Digestion Plants 
Plant 
Location 
Capacity per Annum 
(tons) 
Substrate Company 
San Jose, CA 90,000 Food Waste Zero Waste Energy[41] 
Perris, CA 
167,200 (2 Stages) 
83,600 each digester 
Yard and Food Waste 
CR&R Environmental 
Services [43] 
Germany 80,000 
Municipal Solid 
Waste 
Organic Waste Systems 
(OWS)[44] 
Belgium 70,000 
Biowaste and Waste 
Paper 
Organic Waste Systems 
(OWS)[44] 
Netherlands 57,000 
Source Separated 
Biowaste 
Organic Waste Systems 
(OWS)[44] 
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 The anaerobic digester is set to operate continuously as a plug flow reactor and at 
mesophilic conditions (37 ℃). Total solid content is set at 25% TS and the solid retention time 
(SRT) is set as 21 days for the base case substrate (corn stover). Feedstock to the anaerobic digester 
is assumed to be fed at 25 ℃. Heat requirement for the anaerobic digester is provided by heat 
exchange from the reformer product, i.e. stream 29 in Figure 4.4. Excess light gases have an energy 
content of 9,400 MJ/hr with a mass flow rate of 484 kg/hr which can be utilized to provide 
additional heating to maintain mesophilic conditions throughout the digester in the case of colder 
climates.  
4.2. Thermodynamic Property Method Selection 
In order to select a proper property method for the simulation model, a review of the built-
in ASPEN Plus property methods has been done. According to ASPEN Plus V8.8 help [45], one 
property method can be superior to other property methods for getting realistic results for specific 
processes. For example, processes involving polar electrolyte solutions are best simulated by using 
ELECTNRTL property method. For processes involving nonpolar to mildly polar mixtures such 
as hydrocarbons and light gases property methods based on cubic equation of state such as: Soave-
Redlich-Kwong (SRK), and Peng-Robinson are recommended. SRK property method is 
recommended for gas processing and petrochemical applications operating at high temperature 
and pressure regions [45, 46].  
In this ASPEN model, two property methods were used simultaneously in order to improve 
the accuracy of the results. This is mainly due to the AD section of the plant which deals with 
solids. As a result, the AD section of the plant was simulated using SOLIDS property method 
while the upgrading section of the plant was simulated using Soave-Redlich-Kwong (SRK) 
property method. As noted above, the SRK method is particularly suitable for processes operating 
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in the high temperature and pressure regions such as hydrocarbon processing. Moreover, SRK was 
chosen along with NBS steam table since SRK method is designed to work with STEAMNBS 
property method [45].  
4.3. Components in ASPEN Plus to Model Anaerobic Digestion 
Feedstock (biomass) to AD is comprised of two different types of stream classes in ASPEN 
Plus: mixed stream class, and non-conventional (NC) stream class. In order to define the different 
components, stream class MIXCINC is used. This stream class accounts for both conventional, 
and non-conventional solids with no particle size distribution. The mixed stream class represents 
conventional components such as: hydrogen, oxygen, carbon dioxide, and methane. The Non-
Conventional stream class represents non-conventional components such as: biomass, ash, and 
fixed carbon (FC). The density and enthalpy of all non-conventional components are represented 
by predefined ASPEN plus models called DCOALIGT and HCOALGEN, respectively [47, 48]. 
Based on those models, the user has to input the ultimate, proximate, and sulfate analyses for all 
defined non-conventional components. 
Table 4.2 shows the ultimate, proximate, and sulfate analyses for five different substrates 
used to test the AD model in ASPEN Plus. The ultimate, proximate, and sulfate analyses for all 3 
non-conventional components defined in ASPEN Plus: FC, biomass feedstock (e.g. corn stover -
base case substrate-), and ash are shown in Table 4.3. 
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Table 4.2: Ultimate, Proximate, and Sulfate Analysis for 5 Different Substrates used as Feedstock 
Substrate Corn Stover[49] Rice Straw[50] Wheat Straw[51] Food Waste[52] Swine Manure[53] 
Component Ultimate Analysis (weight percent dry basis) 
Ash 6.0 18.8 13.5 9.7 0 
Carbon 47.3 36.4 45.5 45.6 51.5 
Chlorine 0.0 0.0 0.0 0.0 0.0 
Hydrogen 5.1 5.0 5.1 6.2 4.9 
Nitrogen 0.8 1.0 1.8 2.3 2.9 
Oxygen 40.6 38.7 34.1 36.2 39.5 
Sulfur 0.2 0.2 0 0 0.6 
Component Sulfate Analysis (weight percent dry basis) 
Organic 0 0 0 0 0 
Pyritic 0 0 0 0 0 
Sulfate 0.2 0 0 0.2 0.6 
Component Proximate Analysis (weight percent dry basis) 
Ash 6.0 18.8 13.5 9.7 0 
FC 23.6 3.3 23.5 13.6 25.8 
VM 70.4 77.9 63.0 76.7 74.2 
Moisture 
(as received) 
25.0 0 8.5 67.0 0 
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Table 4.3: Ultimate, Proximate, Sulfate Analysis for all 3 Non-Conventional Component defined in ASPEN Plus 
Non-Conventional Component Biomass (Corn Stover)[49] ASH FC 
Component Proximate Analysis (wt. % dry basis) 
Ash 6 100 0 
FC 23.6 0 100 
Moisture 25 0 0 
VM 70.4 0 0 
Component Ultimate Analysis (wt. % dry basis) 
Ash 6.0 100 0 
Carbon 47.3 0 63.7 
Chlorine 0.0 0 0 
Hydrogen 5.1 0 5.2 
Nitrogen 0.8 0 0.5 
Oxygen 40.6 0 30.4 
Sulfur 0.22 0 0.15 
Component Sulfate Analysis (wt. % dry basis) 
Organic 0 0 0 
Pyritic 0 0 0 
Sulfate 0.22 0 0.15 
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 Ash contains minerals such as: Ca, Mg, Na, K, Fe, Cu, Cr, Ni, Zn, Pb, Co, Mo, Se, and Mn 
[7]. Such minerals help to improve the buffering capacity to control the pH of the AD system as 
well as providing nutrient balance [54], which indirectly contribute to the production of biogas. 
For the purpose of modelling ash in ASPEN, it is assumed that the ash is inert. 
FC is associated to the non-biodegradable portion of the substrate. FC is not pure carbon, 
but also contains other elements such as oxygen, hydrogen, nitrogen, and sulfur. Defining FC in 
ASPEN Plus was done using: theoretical correlations, mass balance, and defined weight fractions. 
Theoretical correlations were used to estimate the weight percent (dry basis) for: carbon, hydrogen, 
and oxygen. Defined weight fractions were used to calculate the amount of nitrogen and sulfur 
present in the FC. An overall mass balance was done to assure atomic balance prior to running the 
ASPEN model.  
According to [55] the weight percentages of carbon, hydrogen, and oxygen present in a 
substrate can be calculated using the proximate analysis of that substrate. Equations below 
represent the correlations that relate the weight percentages (dry basis) for carbon, hydrogen, and 
oxygen [55]:  
𝐶 (𝑤𝑡. % 𝑑𝑟𝑦 𝑏𝑎𝑠𝑖𝑠) = 0.637 ∗ 𝐹𝐶(𝑝𝑟𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) + 0.455 ∗ 𝑉𝑆 (𝑝𝑟𝑜𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) 
𝐻 (𝑤𝑡. % 𝑑𝑟𝑦 𝑏𝑎𝑠𝑖𝑠) = 0.052 ∗ 𝐹𝐶(𝑝𝑟𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) + 0.062 ∗ 𝑉𝑆 (𝑝𝑟𝑜𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) 
𝑂(𝑤𝑡. % 𝑑𝑟𝑦 𝑏𝑎𝑠𝑖𝑠) = 0.304 ∗ 𝐹𝐶(𝑝𝑟𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) + 0.476 ∗ 𝑉𝑆 (𝑝𝑟𝑜𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) 
The correlations give an interesting distinction between FC and volatile matter 
contributions to the total amount of each of the three elements. Consequently, amounts of each 
element present in the FC can be estimated with an absolute error of 3.21%, 4.79%, and 3.4% for 
C, H, and O respectively, covering a wide range of biomass materials [55].  
25 
Since nitrogen and sulfur were not accounted for in the above correlations, the weight 
percentages of N2 and S in both the FC and volatile matter are estimated based on the leftover 
amounts of FC and VS by defining fractions 𝑋𝑁2 and XS. Leftover FC is defined as follow: 
𝐿𝑒𝑓𝑡𝑜𝑣𝑒𝑟 𝐹𝐶 = 1 − (0.637 + 0.052 + 0.304) = 0.007 
More detailed calculations are found in APPENDIX C. 
Table 4.4: Component Attribute for FC 
Component Dry weight percentage in FC 
𝐻2 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (0.052 ∗ 𝐹𝐶(𝑝𝑟𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)) 
𝑂2 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (0.304 ∗ 𝐹𝐶(𝑝𝑟𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)) 
𝐶 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (0.637 ∗ 𝐹𝐶(𝑝𝑟𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠)) 
𝑁2 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (𝑋𝑁2 ∗ (𝑙𝑒𝑓𝑡𝑜𝑣𝑒𝑟 𝐹𝐶)) 
𝑆 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (𝑋𝑆 ∗ (𝑙𝑒𝑓𝑡𝑜𝑣𝑒𝑟 𝐹𝐶)) 
 
Dry weight percentages data shown in table 4.4 above are normalized to get a 100% sum 
prior to inputting them into ASPEN’s component attribute for FC. 
4.4. Selected Approach to Model Anaerobic Digestion in ASPEN Plus 
In this thesis the stoichiometric approach was chosen to facilitate the integration of 
downstream processing to upgrade the produced biogas in ASPEN Plus. The first step is to 
decompose the substrate into its elemental constituents. The second step is to use stoichiometric 
reactions of the elemental constituents of the substrate to produce the various gases present in the 
biogas. The two step approach simplifies the modelling.  
In order to improve the theoretical estimation method an understanding of the 
biodegradability of the substrate needs to be accounted for in the theoretical model. In other words, 
the amount of the utilizable organic content in the substrate needs to be accounted for. This is 
greatly dependent on the percentage of volatile solid in the substrate meaning that a high volatile 
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solid content assures easily biodegradable feedstocks. In the ASPEN model, the volatile content 
of the organic matter in the substrate is distinguished from the almost non-biodegradable organic 
content denoted as FC and the non-biodegradable ash contained in the biomass. The model 
categorizes the biomass into three main components: FC, volatile solid, and ash. This approach 
simplifies the modeling, improves the accuracy of the theoretical estimation, and provides a neater 
way for controlling the % reduction of the volatile matter. Another advantage of this model is the 
difficulty inherited in using the extended Buswell equation as it is hard to describe different types 
of organic waste in a generic chemical formula of the form (𝐶𝑎𝐻𝑏𝑂𝑐𝑁𝑑𝑆𝑒). 
For modeling purposes in ASPEN Plus, two different reactors are used to model the 
anaerobic digester. The first reactor is an RYIELD Block which enables the decomposition the 
substrate into its elemental constituents. The second reactor is an RSTOIC Block which is utilized 
to convert the elemental constituents into the various gaseous species present in the biogas.  
In order to do the mass balance for the RYIELD Block in ASPEN, ultimate and proximate 
analysis were retrieved from literature for each substrate used to test the model. Literature survey 
has been performed for several possible feedstocks: swine manure, corn stover, wheat straw, rice 
straw, and food waste. Feedstock’s component attribute (ultimate, proximate, and sulfate analysis) 
is retrieved from the literature [49-53] corresponding to: corn stover, food waste, wheat straw, rice 
straw, and swine manure, respectively. Literature values for elemental compositions are based on 
experimental tests. Most reported proximate analysis values were reported as wet basis and 
ASPEN Plus requires the proximate to be as dry basis. In order to account for this, the moisture 
content was subtracted from the proximate analysis and the values of the proximate analysis for: 
FC, volatile matter, and ash were normalized to sum to 100%.   
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Although this model does not follow the key biological steps known for the AD process, 
there is a similarity between the hydrolysis step and the yield reactor. While in the hydrolysis step 
of the AD complex organic molecules are broken down into simpler molecules such as: sugars and 
carboxylic acids, the yield reactor breaks down the complex feed, defined as non-conventional 
component in ASPEN, into simpler elements and components. In the yield reactor, the volatile 
portion of the feed is converted to simpler elements and compounds such as: hydrogen, oxygen, 
nitrogen, sulfur, carbon, and water. On the other hand, the non-volatile portion of the feed is 
converted to ash and FC. This step allows the use of the stoichiometric reactor which converts the 
volatile portion of the feed to biogas. Excess water along with ash and FC exit the reactor as a 
solid-liquid mixture called digestate. 
 ASPEN is sensitive to atomic balances; hence, careful mass and atomic balance was taken 
into consideration while performing yield calculations for yield reactor. Tables 4.5 and 4.6 below 
present mass balance equations and results for the yield reactor (mass basis) for all components, 
respectively. Since reactions are specified in the stoichiometric reactor rather than the yield reactor, 
mass basis yield calculations are used instead of mole basis to simplify the atomic balance. 
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Table 4.5: Outlet Yield (Mass Basis) for Each Component Exiting the Yield Reactor 
Component Component Yield (mass basis) 
𝐻2 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (%ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 (𝑡𝑜𝑡𝑎𝑙) − %ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 (𝐹𝐶 𝐶𝑜𝑛𝑡𝑟𝑖𝑏𝑢𝑡𝑖𝑜𝑛)) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝑂2 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (%𝑜𝑥𝑦𝑔𝑒𝑛 (𝑡𝑜𝑡𝑎𝑙) − %𝑜𝑥𝑦𝑔𝑒𝑛 (𝐹𝐶 𝐶𝑜𝑛𝑡𝑟𝑖𝑏𝑢𝑡𝑖𝑜𝑛)) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝑁2 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (%𝑛𝑖𝑡𝑟𝑜𝑔𝑒𝑛 (𝑡𝑜𝑡𝑎𝑙) − %𝑛𝑖𝑡𝑟𝑜𝑔𝑒𝑛 (𝐹𝐶 𝐶𝑜𝑛𝑡𝑟𝑖𝑏𝑢𝑡𝑖𝑜𝑛)) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝐻2𝑂 ?̇?𝑤𝑎𝑡𝑒𝑟 + [%𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒 (𝑝𝑟𝑜𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠]
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝑆 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (%𝑠𝑢𝑙𝑓𝑢𝑟 (𝑡𝑜𝑡𝑎𝑙) − %𝑠𝑢𝑙𝑓𝑢𝑟 (𝐹𝐶 𝐶𝑜𝑛𝑡𝑟𝑖𝑏𝑢𝑡𝑖𝑜𝑛)) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝐴𝑠ℎ (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ %𝑎𝑠ℎ (𝑡𝑜𝑡𝑎𝑙) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝐶 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ (%𝑐𝑎𝑟𝑏𝑜𝑛 (𝑡𝑜𝑡𝑎𝑙) − %𝑐𝑎𝑟𝑏𝑜𝑛 (𝐹𝐶 𝐶𝑜𝑛𝑡𝑟𝑖𝑏𝑢𝑡𝑖𝑜𝑛)) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
 
𝐹𝐶 (1 − %𝑚𝑜𝑖𝑠𝑡𝑢𝑟𝑒) ∗ %𝐹𝐶 (𝑝𝑟𝑜𝑥𝑖𝑚𝑎𝑡𝑒 𝑎𝑛𝑎𝑙𝑦𝑠𝑖𝑠) ∗ ?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠
?̇?𝐵𝑖𝑜𝑚𝑎𝑠𝑠 + ?̇?𝑤𝑎𝑡𝑒𝑟
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Table 4.6: Results of Outlet Yield (Mass Basis) for Each Component Exiting the Yield Reactor for Five Different Substrates 
 Yield (kg/kg) 
Component Corn Stover Rice Straw Wheat Straw Food Waste Swine Manure 
𝐻2 0.96% 1.20% 0.97% 1.38% 0.90% 
𝑂2 8.36% 9.42% 6.74% 8.01% 7.97% 
𝑁2 0.17% 0.25% 0.41% 0.55% 0.69% 
𝐻2𝑂 75% 75% 75% 75% 75% 
𝑆 0.05% 0.05% 0.00% 0.00% 0.14% 
𝐴𝑠ℎ 1.50% 4.69% 3.38% 2.43% 0 
𝐶 8.06% 8.57% 7.63% 9.22% 8.83% 
𝐹𝐶 5.90% 0.83% 5.88% 3.40% 6.46% 
Sum 100% 100% 100% 100% 100% 
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4.4.1. Model Description 
Biogas mainly contains methane and carbon dioxide. Other gaseous species (contaminants) 
are also present in low concentrations such as: water vapor, hydrogen sulfide, and ammonia. In 
order to account for all gases in the biogas, stoichiometric reactions are used considering the 
degradation of each component contributing to the biogas composition. Bullet points below are 
used to breakdown and simplify the model description: 
 The model follows a two-step approach: the first step is to break down the substrate into 
its constituent element, and the second step is to convert the constituent elements to biogas 
and digestate 
 The breaking down of the substrate’s complex chemical structure into simpler elements 
and components is done using a yield based reactor (RYIELD Block in ASPEN) 
 The conversion of the substrate’s constituent element into biogas is based on stoichiometric 
reactions using a stoichiometric reactor (RSTOIC Block in ASPEN). The stoichiometric 
reactions simplify the AD modelling. The reactions considered are: 
1. 𝑁2 + 3𝐻2 → 2 𝑁𝐻3 
2. 𝑆 + 𝐻2 → 𝐻2𝑆 
3. 2𝐻2 + 𝑂2 → 2𝐻2𝑂 
4. 𝐶 + 2𝐻2 → 𝐶𝐻4 
5. 𝐶 + 𝑂2 → 𝐶𝑂2 
6. 2𝐶 + 2𝐻2𝑂 → 𝐶𝐻4 + 𝐶𝑂2 
 The extent of the above reactions was set as 1 for the limiting reactant of each reaction 
 The limiting reactant of each reaction changes depending on the substrate. However, the 
limiting reactants for reactions: 1, 2, and 6 are always: N2, S, and C, respectively 
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 For some substrates the limiting reactant of reaction 3 varies depending on the amount of 
H2 and O2 present in the substrate  
2𝐻2 + 𝑂2 → 2𝐻2𝑂 
 
1 𝑚𝑜𝑙𝑒 𝑂2
1
∗
2 𝑚𝑜𝑙𝑒 𝐻2
1 𝑚𝑜𝑙𝑒 𝑂2
∗
2 𝑔 𝐻2
1 𝑚𝑜𝑙𝑒 𝐻2
= 4 𝑔 𝐻2 
 
1 𝑚𝑜𝑙𝑒 𝐻2
1
∗
1 𝑚𝑜𝑙𝑒 𝑂2
2 𝑚𝑜𝑙𝑒 𝐻2
∗
32 𝑔 𝑂2
1 𝑚𝑜𝑙𝑒 𝑂2
= 16 𝑔 𝑂2 
 Based on full stoichiometric conversion this means that for every gram of 
H2 four grams of O2 are needed (
4 𝑔 𝐻2
16 𝑔 𝑂2
=
1 𝑔 𝐻2
4 𝑔 𝑂2
)  
 For substrates which contain a high amount of wood like forest residues 
(H2/O2 mass ratio is higher than 0.25, with low biodegradability), the 
limiting reactant is O2 
 For most other substrates like food wastes (the H2/O2 mass ratio is below 
0.25, with high biodegradability), the limiting reactant is H2 
 Reactions 4 and 5 are added to improve the model performance and get closer to reality 
results; as biogas does not contain oxygen and hydrogen in most of the experimentally 
reported data in literature. Thus, the excess reactant from reaction 3 is introduced to either 
of the two reactions (4 or 5) to completely consume the excess reactant from reaction 3 and 
convert it to either methane or carbon dioxide 
The model has been tested against other theoretical methods available such as: the 
elemental composition method, and the organic composition method. Refer to model validation 
section for a comparison of the results.  
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Figure 4.1: ASPEN Simulation Scheme for the Anaerobic Digestion Process 
4.4.2. Model Validation 
Biochemical methane potential (BMP) and methane yield are the model validation 
techniques used to check the discrepancy between the proposed model results with experimental 
data and other theoretical models used in the literature. BMP is typically measured as volume of 
methane produced per mass of volatile solid. BMP gives an indication of the biodegradability of 
the substrate; therefore, substrates with high BMP are desired feedstocks for the AD process.  
Literature review of experimental BMP of different substrates has been done to accumulate 
knowledge of the amount of methane produced from AD of a wide range of feedstocks. This also 
helps in validating the results of the proposed ASPEN model by comparing the obtained BMP 
from ASPEN with the experimental BMP of the same substrate. According to [56], the BMP can 
range from 0.356 m3/kg VS for pig manure to as high as 0.500 m3/kg VS for food waste.  
In a recent study [57] which assessed the BMP of 4 different substrates: primary sludge 
(PS), food waste (FW), waste activated sludge (WAS), and septage (SP), theoretical estimation of 
BMP can differ greatly in accuracy. For example, theoretical estimation of BMP for food waste 
and septage according to Boyle equation are 0.646 m3/kg VS and 0.661 m3/kg VS, respectively 
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[57]. In contrast, the experimental values of the BMP of septage and food waste are 0.164 m3/kg 
VS and 0.522 m3/kg VS, accordingly. This means that the theoretical estimations give widely 
ranged accuracies, i.e. experimental BMP achieved 25% and 79% of the theoretically estimated 
BMP of septage and food waste [57]. Theoretical estimation method used by [57] (Boyle equation) 
is discussed in more detail in section 2.4.3. 
The base case substrate used to develop the ASPEN model is corn stover which has an 
experimental BMP value of 0.241 m3/kg VS [58]. Using the stoichiometric model implemented in 
ASPEN, a BMP value of 0.461 m3/kg VS is obtained for corn stover. This methods has an 
agreement with other theoretical models such as: elemental composition method, and organic 
fraction method. Other substrate tested in the ASPEN model include: food waste, wheat straw, rice 
straw, and swine manure. Table 4.7 shows a comparison of biochemical methane potential (BMP) 
values estimated by the proposed ASPEN model against experimental values as well as other 
theoretical model.  
Table 4.7: Comparison of the Biochemical Methane Potential of the Proposed Method against 
Theoretical Methods and Experimental Data 
Substrate 
BMPEXP  
(mL/g VS) [58] 
BMPASPEN  
(mL/g VS) 
BMPELE 
(mL/g VS) 
BMPORG  
(mL/g VS) 
Corn Stover 241 461 469 455 
Food Waste  541 553 723 695 
Wheat Straw 245 520 456 445 
Rice Straw 281 459 455 460 
Swine Manure 322 461 468 449 
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Figure 4.2: Comparison of BMP Value of the Proposed ASPEN Model for the Anaerobic 
Digestion of Different Substrate against Experimental and Theoretical Values 
 As seen from Table 4.7 and Figure 4.2 above, the proposed model show good agreement 
with experimental values of BMP for the AD of food waste. BMP values of other tested substrates 
are relatively high compared to the experimental value. However, the model shows consistency 
with other theoretical estimations proposed in the literature like the elemental and organic 
composition models. Most theoretical models estimating the amount of methane produced by the 
anaerobic degradation of organic wastes overestimate the BMP. This is attributed to the 
assumption that all the volatile matter present in the organic waste is converted to biogas. In 
addition, the models do not account for the amount of organic matter lost due to consumption by 
the microbes. Other reasons include the complex biological mechanism which are not accounted 
for in those models.  
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Since experimental methane yield can vary greatly depending on the operating conditions 
and the type of substrate, the model is validated against several literature values for a wide range 
of substrates [59, 60]. Figure 4.3 shows a comparison between the maximum and minimum 
methane yield obtained from the ASPEN model against experimental methane yield found in the 
literature for various substrates. In the ASPEN model lignin biodegradation, slowly biodegradable 
portion of biomass, has not been accounted; therefore, minimum methane yield values obtained 
using the ASPEN model are high compared to the minimum experimental methane yield values. 
 
Figure 4.3: Experimental Methane Yield obtained from [59, 60] vs. ASPEN Model Methane 
Yield 
Table 4.8 presents the biogas compositions of 5 different feeds tested in the ASPEN Plus 
model for the AD process. The biogas composition results obtained from the ASPEN model show 
an agreement with typical biogas compositions values found in the literature [61, 62]. 
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Table 4.8: Model Results of Biogas Composition for Different Substrates 
Feedstock Corn Stover Rice Straw Wheat Straw Food Waste Swine Manure 
Component Mole Fractions, % 
CO2 0.47 0.46 0.44 0.40 0.47 
CH4 0.45 0.46 0.47 0.50 0.41 
H2O 0.06 0.06 0.06 0.06 0.06 
NH3 0.01 0.02 0.03 0.04 0.05 
H2S (ppmv) 1,600 1,800 0 0 4,400 
 
4.5. Biogas Upgrading and Cleanup 
The upgrading of biogas to liquid transportation fuels is done in four main steps biogas 
cleanup, conversion of cleaned biogas to syngas through tri-reforming, conversion of syngas to a 
spectrum of hydrocarbons through Fischer-Tropsch Synthesis, and separation of light 
hydrocarbons and remaining contaminants along with moisture to produce liquid transportation 
fuel. 
Biogas cleanup consist of iron oxide beds, a chiller, a condenser, and activated carbon beds. 
Activated carbon beds and iron oxide beds are not simulated in ASPEN since the sizing and costing 
have been performed by previous studies by the research group [6, 63]. For those beds, a simplified 
Sep Block in ASPEN is used. However, a chiller and a flash separator are modelled in ASPEN in 
order to obtain sizing information for costing purposes. 
The reformer is modelled as a GIBBS reactor in ASPEN, while the FTS reactor is modelled 
as a YIELD reactor. GIBBS reactor identifies the products based on minimizing Gibbs free energy. 
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FTS products are defined using experimental data from previous work done by the research group 
[13]. Table 4.9 shows the YIELD reactor product specification on mass basis. 
Table 4.9: FTS Reactor Outlet Composition (mass %) 
Component Yield (mass %) 
Hydrogen 1.14% 
Water 34.79% 
Carbon Monoxide 17.56% 
Carbon Dioxide 13.71% 
Methane 8.00% 
Ethane 1.10% 
Propane 0.60% 
Propene 0.60% 
N-Butane 0.05% 
I-Pentane 0.04% 
N-Hexane 0.04% 
N-Heptane 0.39% 
N-Octane 0.36% 
N-Nonane 0.94% 
N-Decane 1.33% 
N-Undecane 1.95% 
N-Dodecane 2.31% 
N-Tridecane 2.40% 
N-Tetradecane 2.22% 
N-Pentadecane 2.07% 
N-Hexadecane 1.83% 
N-Heptadecane 1.56% 
N-Octadecane 1.34% 
N-Nondecane 1.08% 
N-Eicosane 0.84% 
N-Heneicosane 0.60% 
Docosane 0.62% 
N-Tricosane 0.24% 
N-Tetracosane 0.16% 
N-Pentacosane 0.12% 
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4.6. Plant Design 
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Figure 4.4: Process Flow Diagram 
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First, the feedstock to the anaerobic digester is diluted with water to reach 25% total solid 
content, then heated it is up to 37 oC to reach mesophilic conditions. Biogas produced from the 
anaerobic digester is sent to an iron oxide bed (packed with iron sponge media) to remove H2S. 
Biogas exiting the iron oxide bed is chilled to 7 oC and flashed to separate out condensed water 
along with some dissolved contaminants. Remaining contaminates in the biogas stream such as 
siloxane, remaining hydrogen sulfide, and ammonia are removed through activated carbon beds. 
Purified biogas is heated up to ambient conditions and compressed to 3 bar prior to entering 
the reformer. A pump is used to pressurize process water from 1 bar to 3 bar prior to entering the 
steam generating heat exchanger. Air is compressed from ambient pressure of 1 bar to 3 bar. The 
3 aforementioned streams pass through a heat exchanger to raise the mixture temperature to 600 
oC. The heated mixture enters the reformer’s tubes in which additional heating is provided through 
the combustion of recycled fuel gas to reach 850 oC. 
The reformer products, mainly syngas, are then cooled. Cooling is done through a series of 
heat exchangers discussed in the previous section which utilize thermodynamically feasible heat 
transfer. Further cooling to 10 °C is required to separate remaining contaminants and condense out 
the water. Cooling is done through a series of two coolers utilizing cooling water and chilled water, 
respectively. A flash separator is used to separate out water and dissolved contaminants from 
syngas. 
A series of two intercooled compression stages operating with equivalent pressure ratio are 
used to compress syngas to 20 bar. Syngas exiting the final compression stage at 202 °C and 20 
bar enters the FTS reactors which operates at 230 °C with heat recovered from reformer products. 
FTS reactor products are cooled down to 38 °C prior to the first separation tower. The separator 
splits FTS products into 3 distinct stream: water, fuel gas, and liquid hydrocarbons. Condensed 
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water from the first separation stage is recycled to generate steam for the reformer. Light gases 
produced also known as fuel gases are recycled and sent back to the reformer furnace; to provide 
heat needed to raise the temperature of reformer feed and forming products. Liquid hydrocarbons 
exiting the first separator are chilled to 10 C using chilled water prior to the final separation stage. 
The second separator produces the final hydrocarbon product (diesel). Remaining water is 
condensed out as bottom product, while remaining fuel gas exits from the top of the separator as 
overhead product. A separator which involves rigorous V/L/L equilibrium calculations is used in 
ASPEN as a first stage of product purification. A chiller downstream to the 1st separator is used to 
further cool down the liquid hydrocarbon stream produced prior to entering to the second 
purification stage. Liquid diesel fuel is obtained from the second purification stage.
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Figure 4.5: Process Flow Diagram with Heat Integration in ASPEN Interface 
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4.7. Heat Integration 
 There is lots of cooling and heating throughout the process; therefore, heat integration is a 
critical factor for conserving energy and lowering the operating costs. Heat throughout the process 
is provided by combustion of recycled fuel gas, and recovery of heat from the reformer products 
through heat exchangers. Amount of heat transferred depend on the phase of each stream entering 
the heat exchanger. Gas phase have low overall heat transfer coefficient while liquids have high 
overall heat transfer coefficients. Heat transfer limitation have been taken into account while 
developing heat recovery schemes. Heat exchangers requiring large heat transfer area to transfer a 
small amount of heat are eliminated from the heat integration scheme. A study of multiple heat 
recovery scenarios has been performed to investigate the amount of possible savings in operating 
expenses. Heat recovery study revealed that the total manufacturing cost (TMC) is almost the same 
for all heat recovery schemes; all of which outperform the plant design without heat recovery. 
Table 4.10 shows a comparison between the annualized fixed capital investment (FCI) and 
manufacturing cost (COM) for the process with heat recovery and without heat recovery. Refer to 
APPENDIX A for more details about annualized fixed capital investment calculation. The 
increased cost for the scheme without heat recovery is mainly due to the increased reformer furnace 
capacity and the addition of steam boiler. A total saving of about $1.3 Million per year can be 
achieved by integrating heat within the process. The increased reformer furnace capacity is needed 
as the reformer feed enters at a significantly lower temperature than if heat is recovered from the 
reformer products. ASPEN Plus simulation scheme for the process without heat integration is 
shown in figure 4.5 below. The final ASPEN Plus simulation scheme with heat integration is 
shown in the previous section (Figure 4.4). 
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Table 4.10: Comparison of the Fixed Capital Investment and Manufacturing Cost for the Process with Heat Integration and without 
Heat Integration 
with Heat Integration without Heat Integration 
Annualized FCI 
(Million $/yr) 
COM 
(Million $/yr) 
Annualized FCI 
(Million $/yr) 
COM 
(Million $/yr) 
2.37 8.81 2.77 9.73 
TMC (Million $/yr) TMC (Million $/yr) 
11.2 12.5 
 
 
Figure 4.6: ASPEN Plus Simulation Scheme without Heat Integration 
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CHAPTER 5: ECONOMIC ANALYSIS METHODOLOGY 
5.1. Assumptions for Economic Analysis 
Although most recent data show an optimistic increase in product price [64], a conservative 
estimate of $2.65 per gallon is assumed as the selling price of the diesel product. An additional 
$3/gallon of green energy incentive (RIN credit) is assumed to calculate the total revenue from 
selling the diesel product. 
Primary filtration has been assumed to be sufficient to treat the digestate which is mainly 
water. Drying cost of the solid portion of the digestate has not been accounted for. In addition, no 
revenue was considered for selling nutrients rich digestate as bio-fertilizers. It is assumed that the 
drying cost of digestate would be balanced out with revenue from selling it as fertilizer. The base 
case substrate is corn stover which needs transportation to the site of the plant. A cost of $20/ton 
is assumed to transport corn stover according to results shown in [65]. 
Since different depreciation methods affect the after-tax cash flow, depreciation with 
highest cash flow during the early years has been selected as money is worth more in now than in 
the future. As a result, modified accelerated cost recovery system (MACRS), which is a hybrid 
between a straight line depreciation method and a double declining balance depreciation method, 
is used. This method allows for the greatest amount of operating expense credit for capital 
investments in the early years. It switches from the double decline depreciation method in the first 
few years (which yields greater deprecation) to straight line deprecation method (when the 
depreciation is higher with the SL depreciation method) [9]. Depreciation is assumed to take place 
over 5 years. 
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The most recent chemical engineering plant cost index (CEPCI) for 2017 is found to be 
561.2 [66]. CEPCI is used to adjust the fixed capital investment estimation values found using 
Turton et al. [9] to current  capital cost (2017) taking inflation into account. The plant is assumed 
to have 15 days of maintenance and 350 days of operation. A salvage at the end of the plant life is 
assumed to be 10% of the fixed capital investment (FCI). The plant life is assumed to be 15 years 
with a construction period of 2 years. Although there is a possibility that the plant can be owned 
by the landfill itself or municipality, a land cost of 2% of the fixed capital investment is assumed 
along with a taxation rate of 20%. Interest rate 15% has been assumed. Working capital is assumed 
to be 15% of the fixed capital investment [9]. Sensitivity analysis of economic variables affecting 
the plant’s feasibility have been performed in a Monte Carlo simulation to account for 
unpredictable fluctuations in their values. 
Table 5.1: Summary of Economic Analysis Assumptions 
Project Life (Years after Startup) 15 
Construction period 2 
Taxation Rate 20% 
Annual Interest Rate 15% 
Depreciation Method MACRS 
Depreciation Time  5 years 
Diesel Price $2.65/ gallon 
Green Energy Incentive $3.00/ gallon 
Salvage Value 10% of FCI 
Working Capital 15% of FCI 
Land Cost 2% of FCI 
CEPCI 561.2 
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5.2. Equipment Costing Method 
In order to determine the total fixed capital investment (FCI) of the plant, costing of each 
piece of equipment is required. The cost of each equipment is subject to change depending on the 
desired: capacity, material of construction, and operating conditions. It is the engineer’s duty to 
decide what type of material is needed for a specific process depending on the operating condition 
and the type of chemicals handled within the process. Safety is the top priority and the optimal 
design should provide the most economical way which satisfies the safety requirements. 
The costing method suggested by Turton [9] is followed to price most of the plant 
equipment. Some parts are cost differently due to their configurational complexity. For example, 
the reformer is costed as a furnace with internal tubes. There is no possible option to cost the 
reformer using the method in [9]; therefore, a different costing approach is followed. 
The bare module cost of most of the plant’s equipment is calculated through CAPCOST 
software to avoid trivial errors from copying the constants from the tables in Turton et al [9]. 
However, a brief explanation of the costing methodology is provided in APPENDIX X.  
5.2.1. Reformer 
Reformer has been costed as reformer furnace and internal tubes. The reformer furnace has 
been costed using CAPCOST while the tubes are costed separately. The total reformer cost is 
estimated by adding the cost of tubes and the cost of reformer furnace obtained from CAPCOST.  
Reformer tubes are designed to withstand the high operating temperature (850 oC) and 
pressure (3 bar) of the reformer. Tubes are made of seamless nickel alloy 625 due to the high 
temperature durability and the exceptional fatigue strength [34]. The heat duty of the reformer 
from the ASPEN model along with average radiant flux for fired heaters are used to estimate the 
required heat transfer area. The average radiant heat flux for fired heaters is estimated to be 15,000 
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Btu/hr/ft2 [67]. The tube diameter is assumed to be 5 cm. Hence, the required tube length (l) is 
calculated by: 
(𝑙 =
𝑎𝑟𝑒𝑎
𝜋 ∗ 𝐷
) 
The tube length required for the base case scenario is calculated to be 613 m, which will 
be constructed as a stack of 123 tubes of about 5 m length each. According to [68], the wall 
thickness of reformer tube is in the range 11-18 millimeters. An average wall thickness value of 
15 mm for is used for the purpose of costing the reformer tube. The weight of the tube is determined 
based on the: length, wall thickness, outside diameter, type and grade of the metal alloy tube [69]. 
The total mass for the required nickel alloy 625 tube with the specified description is about 8.5 
tons. The price of seamless nickel alloy 625 tube is $ 43,000 per ton [70]. Therefore, the mass is 
multiplied by the value obtained from [70] to obtain an estimate cost of the reformer tubes. 
The reformer furnace thermal efficiency is assumed to be 80% [9]. Material of construction 
for the reformer furnace is chosen to be alloy steel due to the desired mechanical strength and 
corrosion resistance properties. 
Table 5.2: Reformer Furnace Costing Parameters 
Fired Heaters Type Heat Duty (MJ/h) 
Material of 
Construction 
Pressure 
(bar) 
H-101 Reformer Furnace 16700 Carbon Steel 3 
 
5.2.2. Anaerobic Digester 
Since most digester cost information available are based on the digester capacity, a 
literature review has been performed for the cost of anaerobic digester at different capacities [71]. 
The cost of the anaerobic digester at the desired capacity was estimated using the rule of six-tenths 
[72]. The cost of the anaerobic digester is calculated based on a capacity of 100,000 tons per year 
dry biomass feed. 
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𝐶𝐵 = 𝐶𝐴 ∗ (
𝑆𝐵
𝑆𝐴
)
0.6
 
where CB is the digester cost the desired capacity (SB = 100,000 tons per year), CA is the digester 
cost found in the literature [71] $ 5,900,000 at a capacity SA = 200,000 tons per year. 
𝐶𝐵 = $ 5,900,000 ∗ (
100,000
200,000
)
0.6
= $ 3,900,000 
5.2.3. Process Vessels 
 Process vessels are cost with liquid holdup time of 5 minutes for half-full drum and vertical 
configuration [9]. This means that the volume required to cost the flash drum is obtained by: 
𝑉𝑜𝑙𝑢𝑚𝑒 (𝑚3) = (𝑄𝑙𝑖𝑞𝑢𝑖𝑑) ∗ (𝐻𝑜𝑙𝑑𝑢𝑝 𝑡𝑖𝑚𝑒) ∗ 2 
where Qliquid is the volumetric flowrate of liquid exiting the flash drum. In addition, heuristics 
available in Turton et al. [9]  were followed to achieve optimum height to diameter ratio of 3. 
Table 5.3: Process Vessels Costing Parameters 
Vessels Orientation Height  (meters) Diameter (meters) MOC Pressure (bar) 
V-101 Vertical 1.8 0.6 Stainless Steel 3 
V-102 Vertical 3.6 0.9 Stainless Steel 20 
V-103 Vertical 3.6 0.9 Stainless Steel 20 
V-104 Vertical 1.8 0.6 Stainless Steel 1 
V-105 Vertical 3 1 Stainless Steel 1 
V-106 Vertical 3 1 Stainless Steel 1 
V-107 Vertical 3 1 Stainless Steel 1 
V-108 Vertical 3 1 Stainless Steel 1 
 
5.2.4. Pumps 
 Pump is used to pressurize process water from 1 to 3 bars prior to entering the steam 
generating heat exchanger. Reciprocating pump with an efficiency of 70% is used with shaft work 
being the sizing parameter for costing [9]. The shaft work in kilowatts (kW) is obtained from 
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ASPEN. An additional pump is added to the costing for backup and avoiding downtime. Since 
process water is fed at ambient temperature carbon steel is chosen as the material of construction. 
Table 5.4: Pump Costing Parameters 
Pumps Pump Type Power (kW) Material of Construction Discharge Pressure (bar) 
P-101 Reciprocating 0.2 Carbon Steel 3 
 
5.2.5. Compressors 
 Heuristics in Turton et al. [9] are followed to estimate to the compressors efficiencies based 
on the compression ratio; isentropic efficiency of 80% is used for compressor with compression 
ratio of 3 while an isentropic efficiency of 75% is used for compressors with compression ratio of 
2.6. In case of multistage compression, the same compression ratio is used for each compressor to 
minimize cost [9]. A total of 4 compressors are needed to construct the plant with two compressors 
being used in series in a two-stage intercooled compression loop. The sizing parameter to cost the 
compressors is fluid power measured in kilowatts (kW). Material of construction for the air and 
purified biogas compressors are selected to be carbon steel as both gases enter the compressors at 
ambient temperature and pressure. On the other hand, the two-stage compressors to pressurize the 
syngas are chosen to be made of alloy steel due to the higher operating temperatures and pressures.  
Table 5.5: Compressors Costing Parameters 
Compressors Compressor Type Power (kilowatts) Material of Construction 
C-101 Rotary 214 Carbon Steel 
C-102 Rotary 138 Carbon Steel 
C-103 Centrifugal 487 Carbon Steel 
C-104 Centrifugal 591 Carbon Steel 
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5.2.6. Heat Exchangers 
 As stated earlier, a total of 5 heat exchangers are needed to construct heat integration for 
the plant design. For sizing heat exchangers, phase specific heat transfer coefficient values are 
used. This helps improving the accuracy of estimating the heat transfer area needed. For example 
gas-gas heat transfer coefficient has much lower value than liquid-liquid heat transfer coefficient. 
Using a constant value of heat transfer coefficient (U) can lead to inaccurate predictions in heat 
exchange areas needed to achieve the desired heat transfer. Values for heat transfer coefficients 
are used according to heuristics for heat exchangers in Turton et al. [9]. Table 5.6 shows detailed 
values of heat transfer coefficient values used in ASPEN for estimating the required heat transfer 
areas.   
Table 5.6: Phase Specific Values for Heat Transfer Coefficient (U) 
Hot Side Cold Side U (kW/m2 oC) 
Liquid Liquid 0.85 
Liquid Boiling 0.28 
Liquid Vapor 0.06 
Condensing Liquid 0.28 
Condensing Boiling 0.28 
Condensing Vapor 0.06 
Vapor Liquid 0.06 
Vapor Boiling 0.06 
Vapor Vapor 0.03 
 
Shell and tube heat exchangers are used. Log mean temperature difference is calculated for 
each heat exchanger in ASPEN and a conservative factor (F) of 0.9 is used to estimate the heat 
transfer area through: 
𝐴 =
𝑞
𝑈 ∗ 𝐹 ∗ ∆𝑇𝑙𝑚
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where q is the heat duty in kW, A is the area in m2, ∆𝑇𝑙𝑚 is the log mean temperature difference 
in oC. Table 5.7 below present a summary of all heat exchangers needed for the process. 
Table 5.7: Heat Exchangers Specification Summary 
Heat Exchanger # q (kW) ∆T1 (oC) ∆T2 (oC) ∆𝑇𝑙𝑚 (
oC) U (kW/m2 oC) Area (m2) 
E-101 2563 250 317 282 0.03 336 
E-102 126 228 235 232 0.03 20 
E-103 2157 297 62 150 0.12 130 
E-104 402 50 56 53 0.17 50 
E-105 37 56 74 65 0.06 11 
 
Table 5.8: Heat Exchangers Costing Parameters 
Exchangers 
Exchanger 
Type 
Tube/Shell 
Pressure (bar) 
Tube/Shell 
Material of Construction 
Area 
(m2) 
E-101 Shell & Tube 3/3 Stainless Steel / Stainless Steel 336 
E-103 Shell & Tube 3/3 Stainless Steel / Stainless Steel 130 
E-104 Shell & Tube 3/1 Carbon Steel / Carbon Steel 50 
E-105 Shell & Tube 3/1 Carbon Steel / Carbon Steel 11 
 
5.2.7. Coolers 
 Coolers are used to cool down process streams prior to separation to condense out water. 
Two types of cooling mediums are used: cooling water, and chilled water. A total of 6 coolers are 
needed. Coolers are costed as shell and tube heat exchangers following the same approach for heat 
exchangers presented above. Table 5.9 below show a summary of all the coolers needed for the 
process. 
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Table 5.9: Coolers Specification Summary 
 Cooler #  q (kW) ∆T1 (oC) ∆T2 (oC) LMTD (oC) U (kW/m2 oC) Area (m2) 
E-106 1353 36 5 16 0.46 212 
E-107 273 15 5 9 0.46 73 
E-108 1670 182 8 56 0.46 73 
E-109 225 22 2 8 0.40 76 
E-110 15 23 5 12 0.85 2 
E-111 228 76 40 56 0.06 75 
 
Note that E-110 has significantly smaller heat transfer area than the rest of the cooler. E-110 is 
used to cool down liquid hydrocarbon mixture exiting the first V/L/L separator, which has 
significantly less cooling requirements (due to a lesser amount of products needing to be cooled) 
compared to the other heat exchangers.  
Table 5.10: Coolers Costing Parameters 
E-106 Shell & Tube 3/1 Carbon Steel / Carbon Steel 212 
E-107 Shell & Tube 3/1 Carbon Steel / Carbon Steel 73 
E-108 Shell & Tube 20/1 Stainless Steel / Carbon Steel 73 
E-109 Shell & Tube 1/1 Carbon Steel / Carbon Steel 76 
E-110 Shell & Tube 20/1 Stainless Steel / Carbon Steel 10 
E-111 Shell & Tube 8/1 Stainless Steel / Carbon Steel 75 
 
5.2.8. FTS Reactor 
The FTS reactor is costed as a shell and tube heat exchanger with material of construction 
being stainless steel for both the shell and tube side. Wall thickness to withstand the high operating 
pressure of 20 bars has been taken into account in the costing process (see APPENDIX B for more 
details). The total heat transfer area required is calculated to be 1,514 m2. This is costed as two 
800 m2 shell and tube heat exchangers.  
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Table 5.11: FTS Reactor Costing Parameters 
Equipment Type 
Tube/Shell Pressure 
(bar) 
Tube/Shell Material of 
Construction 
Area 
(m2) 
Shell & Tube Heat 
Exchanger 
20/10 Stainless Steel / Stainless Steel 800 
 
5.3. Manufacturing Cost Method 
 Operating and capital costs play a crucial role in economic feasibility of the plant. Plant 
operation requires: maintenance, operating labor, raw materials, wastes treatment, and utilities. 
The cost of operating labor is estimated based on the most recent annual wage data for chemical 
plant operators which is estimated to be $60,800 per year [73]. Number of operators per shifts 
(NOL) is determined by the following equation [9]: 
𝑁𝑂𝐿 = √6.29 + 31.7 ∗ 𝑃2 + 0.23 ∗ 𝑁𝑁𝑃 
P = number of steps involving particulate solids in handling  
NNP = number of steps not involving particulate solids handling 
Cost of operating labor is determined by multiplying the total number of operators needed to run 
the plant all year round (1095 shifts per year) by the annual wage of chemical plant operator. 
Utilities to operate the plant include: electricity, process water, cooling water, and chilled 
water. Cooling water (at 30 oC) and chilled water (at 5 oC) are used to cool down process stream 
to promote proper separation and contaminant removal. Cooling and chilled water costs are 
estimated to be $14.8/1000m3 and $185/1000m3, respectively [9]. Electricity is used to run pumps 
and compressors, while process water is used to generate steam and dilute the biomass entering 
the digester. According to the U.S. EIA’s report of January 2018, average electricity cost in the 
U.S. for industrial usage is estimated to be 6.79¢ per kWh [74]. Cost of process water is estimated 
to be $0.067/1000 kg [9].  
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Part of the economic and environmental optimization is to minimize waste streams through 
waste treatment and recycling. One of the main waste streams is the digestate. Digestate has 
moisture and needs thermal drying as the final step of liquid removal prior to selling. In order to 
make the process as efficient as possible, the water content of the digestate is recycled back to the 
digester to dilute the feedstock along with make-up water to reach the desired total solid (TS) 
content. A study [75] shows that anaerobic digesters operated with recycled liquid digestate had 
higher methane content in the biogas than digesters operated without recycling any liquid 
digestate. The biogas production was tested with varying the recycling rate of liquid digestate from 
0-60%, and results showed that the digester operated with 60% recycled liquid digestate had the 
highest biogas production. This is associated with the presence of already developed microbial 
communities in the liquid digestate which help the start-up of microbial interaction with freshly 
fed organic waste in comparison lower recycle rates recycle of liquid digestate. For that reason, an 
assumption that 60% of the liquid water in the digestate is recycled through filtration, while the 
remaining 40% exits with the digestate for further drying and treatment. Primary filtration is 
assumed to be sufficient to separate out 60% of the water present in the digestate. No revenue is 
assumed for selling the digestate as bio-fertilizer. Primary filtration is assumed to be sufficient to 
separate 60% of the water contained in the digestate. Cost of primary filtration is found to be 
$41/m3[9].  
Raw material cost is mainly attributed to transporting the biomass, and buying media 
needed for biogas cleanup. Iron sponge cost about $ 0.35-1.55 per kg H2S removed [29]. A cost of 
$1.55/kg H2S removed to is used to estimate the cost iron sponge media needed. The cost of 
activated carbon media is $1.20 per pound which leads to annual cost of about $18,800 per year 
for two beds based on the breakthrough time [63]. A small fraction of the raw material cost goes 
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to the purchase of catalyst needed for the reformer and FTS reactor. Reformer catalyst cost about 
$2000 per ton with nickel as the active component and aluminum as the carrier [76]. FTS catalyst 
is prepared using cobalt nitrate (~$50/kg) and silica (~$0.06/kg) [77, 78]. More details about 
catalyst costing see APPENDIX H. Waste treatment for the disposal of the spent packing material 
is estimated to be $36 per ton [6].  
The equation used to calculate manufacturing cost (COM) is [9]: 
𝐶𝑂𝑀 = 0.180 ∗ 𝐹𝐶𝐼 + 2.73 ∗ 𝐶𝑂𝐿 + 1.23(𝐶𝑈𝑇 + 𝐶𝑊𝑇 + 𝐶𝑅𝑀) 
where  
 FCI is the fixed capital investment 
 COL is cost of operating labor  
 CRM is cost of raw materials  
 CUT is cost of utilities  
 CWT is cost of waste treatment  
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CHAPTER 6: RESULTS AND DISCUSSION 
6.1. Equipment Costing Results 
 Total capital investment of the plant include: fixed capital investment, land cost, and 
working capital. As stated previously, CAPCOST software was used to cost most of the plant’s 
equipment. Table 6.1 below show a breakdown of the equipment cost along with fixed capital 
investment needed to build the plant. 
Table 6.1: Equipment Cost Summary 
Unit Bare Module Cost (Million $) 
Compressors 2.37 
Heat Exchangers 1.61 
FTS Reactor 1.23 
Reformer 2.06 
Anaerobic Digester 3.89 
Separators 0.21 
Flash Vessels 0.05 
Iron Oxide Beds 0.11 
Activated Carbon Beds 0.11 
Pumps 0.13 
Total Bare Module Cost 11.8  
Fixed Capital Investment 13.9  
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Figure 6.1: Equipment Cost Breakdown 
6.2. Manufacturing Cost Results 
Table 6.2 below summarizes the annual raw materials cost, while Table 6.3 shows the total 
cost of waste treatment. Total cost of raw materials is $2.18 million per year. Amount of FTS 
catalyst needed is about 470 kg with a cost of $20,000 for one load [77, 78]. Amount of reformer 
catalyst needed is about 540 kg per with a cost of $1,200 for one load [76]. Both catalyst are to be 
replaced once a year. Refer to APPENDIX H for more details about catalyst costing. Table 6.4 
breaks down the utilities cost. Table 6.5 sums up the operating cost results and shows the COM. 
Figure 6.2 shows a pie chart breakdown of the operating cost. 
Compressors, 
20.2%Heat 
Exchangers, 
13.7%
FTS Reactor, 10.4%
Reformer, 17.5%
Anaerobic Digester, 
33.1%
Separators, 1.8%
Flash Vessels, 0.5%
Iron Oxide Beds, 0.9%
Activated Carbon Beds, 0.9%
Pumps, 1.1%
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Table 6.2: Raw Materials Cost Summary 
Iron Sponge ($/yr) Activated Carbon ($/yr)[63] Corn Stover Feedstock ($/yr) 
163,000 19,000 2,000,000 
 
Table 6.3: Cost Breakdown for Waste Treatment 
Primary Filtration for digestate ($/yr) 8,000  
Cost of spent packed disposal ($/yr) 10,000  
Total cost of waste treatment ($/yr) 18,000  
 
Table 6.4: Utility Cost Breakdown 
Process Water ($/yr)  3,500  
Cooling Water ($/yr) 23,000  
Chilled Water ($/yr) 46,000  
Electricity Cost ($/yr) 835,000  
Total Utility Cost ($/yr) 908,000  
 
Table 6.5: Operating Cost Summary 
Waste Treatment Cost ($/yr) 18,000 
Operating Labor Cost ($/yr) 912,000 
Raw Materials Cost ($/yr) 2,200,000 
Utility Cost ($/yr) 908,000 
COM ($/yr) 8,810,000 
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Figure 6.2: Operating Cost Summary 
6.3. Product Pricing 
 Final product composition have shown reasonable agreement against commercial diesel 
composition. Graphical representation of the produced diesel fuel composition from the ASPEN 
plus model against commercial diesel composition tested in the lab [79] is shown in figure 6.3 
below. 
Waste Treatment Cost, 18,000 , 0.5%
Operating Labor 
Cost, 912,000 , 
23%
Raw Materials Cost, 
2,200,000, 54%
Utility Cost , 
908,000 , 23%
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Figure 6.3: Produced Diesel Composition vs. Commercial Diesel Composition Tested in the Lab 
Diesel prices have been showing a decline in the past five years as they dropped from an 
average of $3.97 per gallon in 2012 to $2.65 per gallon in 2017 in the US [64]. On the contrary, 
diesel prices have been showing a steady increase since August of 2017 until the end of January 
of 2018, i.e. $2.59 per gallon to $3.02 per gallon [64]. Average diesel fuel price in the U.S. is 
reported to be $ 3.09 per gallon [80] as of February, 2018. Although most recent data show an 
optimistic increase in product price, a conservative estimate of $2.65 per gallon is assumed as the 
selling price of the diesel product [64]. 
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Table 6.6: Plant Revenue 
Biodiesel Produced (Million gal/year) 
2.60 
Revenue from Diesel (Million $/year) 
6.83 
Total revenue with incentive (Million $/year) 
14.6 
 
 The breakeven cost of diesel (BECOD), defined as the total annual manufacturing cost of 
diesel divided by the annual production rate of diesel, is estimated to be $4.34 per gallon. Refer to 
APPENDIX A for more details regarding BECOD calculations. Table 6.6 below summarizes the 
parameters used to obtain BECOD results.  
Table 6.7: Parameters used to Calculate the Breakeven Cost of Diesel (BECOD) 
Annual FCI (Million $/year) 2.37 
COM (Million $/year) 8.81 
TMC (Million $/year) 11.2 
Production Rate of Diesel (Million gal/year) 2.60 
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Figure 6.4: Average Selling Price of Diesel vs. Selling Price of Biodiesel 
6.4. Energy Recovery and Carbon Balance 
Figure 6.5 shows a comprehensive process flow diagram for the base case plant utilizing 
corn stover at a capacity of 100,000 ton/year as the feedstock to the anaerobic digester. For every 
ton of dry corn stover fed to the digester, 36 gallons of diesel fuel is produced at the other end of 
the plant where separation of final FTS products take place.  
 
Figure 6.5: A Comprehensive Block Flow Diagram 
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Figure 6.6: Simplified Overall Balance 
Tables 6.8 and 6.9 show energy balance results done across the process performed on 
biogas and dry biomass basis, respectively. Moreover, atomic balance of the amount of carbon in 
diesel and fuel gas produced is shown based on biogas and dry biomass basis in tables 6.7 and 6.8, 
respectively.  
Table 6.8: Carbon Balance and Energy Recovery based on Produced Biogas from the Digester 
Parameter/Stream Biogas Diesel Fuel Gas 
Mole flow of carbon atoms (kmol/hr) 200 63 137 
%C 100% 31% 68% 
Energy (MJ) 78,500 39,200 32,600 
Energy Recovered 100% 50% 42% 
 
Biochemical
&
Thermochemical 
Diesel
Dry Biomass
Digestate
Water
Air
Fuel Gas
Biogas Contaminants
 64 
Table 6.9: Carbon Balance and Energy Recovery based on Dry Biomass Entering the Digester 
Parameter/Stream Biomass Diesel Fuel Gas 
Mole flow of carbon atoms (kmol/hr) 306 63 137 
%C 100% 21% 45% 
Energy (MJ) 132,000 39,200 32,600 
Energy Recovered 100% 30% 25% 
 
6.5. Profitability Analysis 
To study the profitability of the proposed project, a cumulative cash flow diagrams is 
needed. Cumulative cash flow diagram is constructed for a project life of 15 years as seen in figure 
6.7 below. The land purchase is assumed to take place prior to construction, while the construction 
period is assumed to be 2 years. The fixed capital investment is distributed throughout the first two 
years of construction; 60% by the end of the first year of construction, and 40% by the end of 
second year construction. In addition, the working capital which is assumed as 15% of the fixed 
capital investment takes place at the end of construction to account for plant startup and finance 
the first few month of operation.  
Table 6.10 and Table 6.11 summarize the economic and profitability analyses results 
parameters along with findings from the cumulative cash flow diagrams. It can be seen that the 
discounted rate of return on investment is 26.2%, i.e. interest rate at which the net present value of 
the project is zero, which is higher than the internal interest rate (15%). This along with a positive 
net present value of $ 8.76 million indicate that the plant is profitable.  
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Figure 6.7: Discounted Cumulative Cash Flow Diagram 
 
Table 6.10: Economic Analysis Results 
Cost of Land (Million $) 0.30 
Working Capital (Million $) 2.20 
Fixed Capital Investment (Million $) 13.9 
Total Capital Investment (Million $) 16.2 
Revenue (Million $/yr) 14.6 
Cost of Manufacturing (Million $/yr) 8.81 
 
Table 6.11: Profitability Analysis Results 
Net Present Value (Million $) 8.76 
Discounted Cash Flow Rate of Return 26.2% 
Discounted Payback Period (years) 4.1 
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6.6. Sensitivity Analysis 
In this section a sensitivity analysis is performed by forecasting uncertainties in key 
economic players within the process. The key economic players in the process are: fixed capital 
investment (FCI), cost of manufacturing (COM), and revenue from sale of diesel. Other key 
players which cannot be seen explicitly are: taxation rate, and annual interest rate. A sensitivity 
analysis is conducted by varying COM, diesel price, fixed capital investment, and interest rate. 
The cost of feedstock is included in the COM as raw material. Results from the sensitivity study 
are shown in 6.8 below. The process is most sensitive to diesel price. A 20% decrease in diesel 
price would negatively affect the process profitability resulting in a negative NPW value at the end 
of the plant life. Nevertheless, the process show a positive NPW for all other variations in process 
key parameters included in the sensitivity study. 
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Figure 6.8: Sensitivity of the Net Present Worth of the Proposed Process to Variations of Certain 
Process Parameters 
In addition to the sensitivity analysis performed above, another sensitivity analysis has 
been performed to study the effect of varying multiple parameters simultaneously. A Monte Carlo 
simulation (provided in CAPCOST software [9]) is used over 5 years MACRS depreciation time 
to test the effect of changing fixed capital investment, total revenue from diesel sale, COM, 
working capital, taxation rate, salvage value, and interest rate  simultaneously on the net present 
worth (NPW), discounted payback period (DPBP), and discounted cash flow rate of return 
(DCFROR). 
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Table 6.12: Sensitivity Analysis Values Used in Monte Carlo Simulation 
Key Parameter Lower Limit Upper Limit Base Value 
FCI -20% 20% $    13.9 Million 
Total Revenue from Sale of Diesel -20% 20% $     14.6 Million per year 
COM -20% 20% $       8.81 Million per year 
Working Capital -20% 20% $       2.20 Million 
Income Tax Rate -10% 10% 20% 
Interest Rate -20% 20% 15% 
Salvage Value -80% 20% $       1.39 Million 
 
The Monte Carlo simulation follows a probabilistic approach. Cumulative probability 
curves form the simulation are shown in the preceding figures. Figure 6.9 shows that the worst 
case scenario from the Monte Carlo simulation is a NPW of about -4 million dollars at the end of 
the plant life. However, negative NPW has a probability of less than 1%.  
Figure 6.10 shows that the majority of performed scenarios in the Monte Carlo Simulation 
have discounted cash flow rate of return higher than the specified interest rate 15%. This means 
that the plant has a high chance of being profitable with about 97% of scenarios having DCFROR 
higher than the base case interest rate. 
Figure 6.11 shows that only a small possibility (about 1.1%) of having a discounted 
payback period of 15 years or higher.  That is about 1.1% risk of not being able to recover the 
fixed capital investment over the projected plant life. Overall, the plant show a great potential of 
making profit as seen for many scenarios besides the base case.  
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Figure 6.9: Estimated Cumulative Probability vs. Net Present Value 
 
 
Figure 6.10: Estimated Cumulative Probability vs. Discounted Cash Flow Rate of Return 
(DCFROR) 
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Figure 6.11: Estimated Cumulative Probability vs. Discounted Payback Period (DPBP) 
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CHAPTER 7: CONCLUSIONS AND RECOMMENDATIONS 
7.1. Conclusions 
The process of converting biomass to liquid hydrocarbon fuel has been simulated in 
ASPEN Plus. Based on the model, an economic feasibility study has been performed. The total 
capital investment to construct the plant with a capacity of handling 100,000 ton per year of 
biomass is $16.2 million. The annual operating cost to run the plant is estimated to be $8.81 
million. The annual revenue from selling the diesel product is $14.6 million. The net present worth 
at the end of the plant life is $8.76 million with a discounted cash flow of return of 26.2% for a 
plant life time of 15 years. The breakeven cost of diesel is determined to be $4.34/gallon. The 
discounted cash flow return is higher than the interest rate while the net present worth is positive 
suggesting a profitable process. However, since the economic estimation are of a preliminary 
nature, a sensitivity analysis was performed to verify the feasibility of the process. Results from 
sensitivity analysis showed that selling price of diesel had the most sensible effect on the process 
economics. The process showed a positive net present worth for all parameter variations scenarios 
except for the diesel price. A 20% decrease in diesel price would cause a negative net present 
worth which is highly unlikely due to the increasing demand of liquid fuels and the decreasing oil 
reserves. 
A Monte Carlo simulation was carried out to study the effect of changing multiple 
economic parameters simultaneously on the net present worth, discounted payback period, and 
discounted cash flow rate of return. The Monte Carlo simulation generates 1,000 scenarios based 
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on the identified uncertainty for each parameter. Results from the Monte Carlo simulation suggest 
that it is highly unlikely for the process to be non-profitable;  
 Possibility of having a negative net present worth is about 1% (7/1000) 
 Possibility of having discounted cash flow rate of return equal to or lower than (≤) the 
specified internal interest rate is about 3% (30/1000) 
 Possibility of having discounted payback period higher than the plant life is about 1% 
(11/1000). 
7.2. Potential Improvements 
Integrating the biochemical and thermochemical routes provides a way of synthesizing 
liquid transportation fuels based on renewable biomass sources.  However, the process requires 
synergy at the micro and macro level in order to progressively achieve industrial recognition and 
prevalence. Micro level synergy includes digestion of biomass by different kinds of bacterial 
organisms while macro level synergy includes heat integration and recovery throughout the 
process as well as delivery of biomass by private haulers to the plant site. Moreover, there needs 
to be a collaborative effort to help improve recycling and source separation. For example, 
biodegradable portion of waste is desirable feed for the AD; therefore, separation of non-
biodegradable portion of the waste is necessary. This can be achieved by collaboration between 
waste collectors and waste producers in order to deliver the biodegradable waste without losing 
much of its energy value.  
It is beneficial to develop a more rigorous model for anaerobic digester to account for 
inhibitory conditions of different substrates. This can be done by implementing ADM1 kinetics 
[81, 82] into a continuous stirred tank reactor in ASPEN.  
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AD feed separation cost involve shredding, screening, air separation, and conveying the 
organic waste to the digester.  In addition, improving the operating cost estimation for the AD 
process requires the addition of chemical pretreatment to the feed, e.g. addition of enzymes to 
facilitate digestion by microorganisms. Consequently, it is suggested to perform a detailed study 
on the capital cost for building such equipment and determine the accompanying operating cost.  
A recommendation is to account for heat loss throughout the process. Heat exchangers are 
designed and costed without considering heat losses. A justifying reason is proper insulation but 
insulation does not guarantee zero heat loss. Adding insulation can improve overall heat recovery 
efficiency. Another area of improvement can be done by estimating pressure drop throughout the 
process equipment’s and pipeline. Assigning heat loss along with pressure drop can elevate the 
capital and operating costs. Although cost estimations are + 30% accurate, they can be improved 
by minimizing the simplifying assumptions. 
Another possible area of improvement is studying the feasibility of in-situ electricity 
generation using a fraction of the produced biogas along with excess fuel gas to run compressors, 
pumps, and other electrical equipment needed to run the plant. This could reduce utility expenses 
from electrical usage which has a significant contribution to the operating cost. Revenue from 
excess fuel gas has not been accounted; therefore, it is important to study the effect of selling 
excess fuel gas on the profitability of the plant.   
It is recommended to use more rigorous separation scheme to purify hydrocarbons 
produced from the FTS reactor. This can be done through implementing a RadFrac Distillation 
Block in ASPEN. The use of RadFrac can give more accurate costing information to build the 
purification unit through providing sizing information. ASPEN has the ability to estimate the 
number of real stages needed in a distillation column to reach a certain product purity. Hence, the 
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height of the designed column can be obtained. Furthermore, assigning a pressure drop is also 
recommended to cost of reflux pumps needed for each distillation column.  
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APPENDIX A: LIST OF ACRONYMS 
Table A.1: List of Acronyms 
Acronym Descriptions 
FCI Fixed Capital Investment 
COM Cost of Manufacturing 
TMC Total Cost of Manufacturing 
DCFROR Discounted Cash Flow Rate of Return 
NPW Net Present Worth 
DPBP Discounted Payback Period 
BECOD Breakeven Cost of Diesel 
CEPCI Chemical Engineering Plant Cost Index 
GTL Gas-to-Liquid 
CNG Compressed Natural Gas 
FTS Fischer Tropsch Synthesis 
TS Total Solid 
VS Volatile Solid 
VM Volatile Matter 
OLR Organic Loading Rate 
HRT Hydraulic Retention Time 
SRT Solid Retention Time 
LFG Landfill Gas 
C/N Carbon to Nitrogen 
IWA International Water Association 
ADM1 Anaerobic Digestion Model no.1 
FC Fixed Carbon 
ASPEN Advanced System for Process Engineering 
AD Anaerobic Digestion 
HS-AD High Solid Anaerobic Digestion 
LS-AD Low Solid Anaerobic Digestion 
BMP Biochemical Methane Potential 
ppmv Parts Per Million by Volume 
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APPENDIX B: BREAK EVEN COST CALCULATIONS 
Annualizing the Fixed Capital Investment [9]:  
𝐴𝑛𝑛𝑢𝑎𝑙 𝐹𝐶𝐼 = 𝐹𝐶𝐼 ∗
𝑖(1 + 𝑖)𝑛
(1 + 𝑖)𝑛 − 1
 
where i is the interest rate assumed to be 15% over a payback period of n=15 year (plant life). 
𝐴𝑛𝑛𝑢𝑎𝑙 𝐹𝐶𝐼 = $ 13.9 𝑀𝑖𝑙𝑙𝑖𝑜𝑛 ∗ 0.17 
𝐴𝑛𝑛𝑢𝑎𝑙 𝐹𝐶𝐼 = $ 2.4 𝑀𝑖𝑙𝑙𝑖𝑜𝑛 
Breakeven cost of diesel (BECOD) defined as the ratio of TMC ($/year) and annual diesel 
production (gallon/year): 
𝐵𝐸𝐶𝑂𝐷 =
𝑇𝑀𝐶 (
$
𝑦𝑒𝑎𝑟)
Annual Diesel Production (
𝑔𝑎𝑙𝑙𝑜𝑛
𝑦𝑒𝑎𝑟 )
          𝑈𝑛𝑖𝑡𝑠 𝑜𝑓 
$
𝑔𝑎𝑙𝑙𝑜𝑛
 
where TMC is the sum of annualized FCI and COM 
𝐵𝐸𝐶𝑂𝐷 =
2.4 (
𝑀𝑖𝑙𝑙𝑖𝑜𝑛 $
𝑦𝑒𝑎𝑟 ) + 8.8 (
𝑀𝑖𝑙𝑙𝑖𝑜𝑛 $
𝑦𝑒𝑎𝑟 ) 
  2.6 (
𝑀𝑖𝑙𝑙𝑖𝑜𝑛 𝑔𝑎𝑙𝑙𝑜𝑛
𝑦𝑒𝑎𝑟 )
=
$4.3
𝑔𝑎𝑙𝑙𝑜𝑛
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APPENDIX C: CAPITAL COST METHOD 
To determine the installed cost of a specific piece of equipment its cost at standard 
conditions (Cp
0) is calculated first as follows: 
log10( 𝐶𝑃
𝑜) = 𝐾1 + 𝐾2 log10(𝐴) + 𝐾3(log10(𝐴))
2 
where K1-K3 are obtained from table A.1 in Turton et al. [9], and A is the capacity of the equipment.  
The bare module cost (CBM): 
 𝐶𝐵𝑀 = 𝐶𝑃
𝑜 ∗ 𝐹𝐵𝑀 
The bare module factor (FBM) is estimated differently for different pieces of equipment. FBM is 
calculated for heat exchangers, process vessels, and pumps as follows: 
𝐹𝐵𝑀 = 𝐵1 + 𝐵2𝐹𝑀𝐹𝑃 
where: 
 B1 & B2 are obtained from table A.4 in Turton [9] 
 Pressure factor (FP) is calculated as follows for process vessels [9]:  
𝐹𝑃,𝑣𝑒𝑠𝑠𝑒𝑙 =
(𝑃 + 1) ∗ 𝐷
2 ∗ [850 − 0.6 ∗ (𝑃 + 1)]
+ 0.00315
0.0063
 
 FP for the remaining equipment is estimated as follows [9]: 
log10( 𝐹𝑃) = 𝐶1 + 𝐶2 log10(𝑃) + 𝐶3(log10(𝑃))
2 
where C1-C3 are found from table A.2 in Turton [9], pressure (P) is in barg, diameter (D) 
is in meters 
 Material factor (FM) is obtained from figure A.18 in Turton [9] 
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FBM for compressors is calculated as follow: 
 𝐶𝐵𝑀 = 𝐶𝑃
𝑜 ∗ 𝐹𝐵𝑀 
where: 
 FBM is found in figure A.19 in Turton 
CBM for fired heaters is calculated as follows: 
 𝐶𝐵𝑀 = 𝐶𝑃
𝑜𝐹𝐵𝑀𝐹𝑃𝐹𝑇 
where: 
 FBM is found in figure A.19 in Turton 
 As mentioned above FP is found using: log10( 𝐹𝑃) = 𝐶1 + 𝐶2 log10(𝑃) + 𝐶3(log10(𝑃))
2 
 FT is the superheat correction factor which is found to be 1 for furnaces according to Turton 
Finally, the fixed capital investment (FCI) is obtained by adding 18% to the summation of the bare 
module cost for all pieces of equipment for contingency and fees  
𝐹𝐶𝐼2001 = 1.18 ∗ ∑ 𝐶𝐵𝑀,𝑖
𝑛
𝑖=1
 
𝐹𝐶𝐼2017 =  𝐹𝐶𝐼2001 ∗
𝐶𝐸𝑃𝐶𝐼2017
𝐶𝐸𝑃𝐶𝐼2001
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APPENDIX D: FIXED CARBON DEFINED FRACTIONS 
In order to estimate the amount of nitrogen and sulfur in the fixed carbon defined fraction 
are introduced. Nitrogen fraction in leftover FC is defined as follows: 
𝑋𝑁2 =
%𝑁2
%𝑁2 + %𝑆
 
while sulfur fraction in leftover FC is defined as follows: 
𝑋𝑆 =
%𝑆
%𝑁2 + %𝑆
 
All percentages (%S and %N2) are obtained from the ultimate analysis found in literature for each 
tested substrate. Hence the dry basis weight percentages of nitrogen and sulfur in the leftover FC 
(%𝑁2 and %𝑆, respectively) are calculated as follows: 
%𝑁2 = 𝑋𝑁2 ∗ (𝑙𝑒𝑓𝑡𝑜𝑣𝑒𝑟 𝐹𝐶)  
%𝑆 = 𝑋𝑆 ∗ (𝑙𝑒𝑓𝑡𝑜𝑣𝑒𝑟 𝐹𝐶)  
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APPENDIX E: AMOUNT OF COOLING AND CHILLED WATER 
Amount of cooling/chilled water is estimated based on the equation below:  
?̇? =
𝑞
𝐶𝑃 ∗ ∆𝑇
 
where ?̇? is the amount of cooling/chilled water required in kg/s, q is the amount of heat transferred 
in kW, CP is the heat capacity of water at constant pressure in kJ/
oC.kg, and ∆𝑇 is the water’s 
temperature change in oC. It is assumed that the water heat capacity is constant since at its value 
(4.18 kJ/oC.kg) does not vary significantly over the operating temperature range for both chilled 
and cooling water (5-15 oC and 30-45 oC) [9].
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APPENDIX F: STREAM RESULTS 
Table F.1: BTL Process Stream Results Based on Numbering Provided in Figure 4.5 
Stream no. 1 2 3 4 5 6 7 
Stream name Biomass Heated Biomass Elements AD Outlet Ash/FC Digestate Biogas/Water 
Temp, C 25 37 37 37  37 37 
Pres, bar 1 1 1 1  1 1 
Mol. Vap. Fract. 0 0 0.14 0.15  0 0.15 
Total, kmol/hr 1,150 1,150 1,733 1,450 2,300 1,233 1,450 
Total, kg/hr 31,068 31,068 31,068 31,068  24,686 28,768 
Total, m3/hr 29 29 6,298 5,616 2 25 5,614 
Mol. Fract.        
HYDROGEN - - 0.085 -  - - 
CO - - - -  - - 
CO2 - - - 0.076  0.01 0.08 
METHANE - - - 0.068  0.00 0.07 
WATER 1 1 0.750 0.853  0.99 0.85 
OXYGEN - - 0.047 -  - - 
NITROGEN - - 0.001 -  - - 
NH3 - - - 0.003  0.001 0.003 
H2S - - - 0.0003  0 0.0003 
C   0.120     
S   0.0003     
Flow, kg/hr        
BIOMASS 10,356 10,356 - - - -  
ASH - - 467 467 467 467  
FC - - 1,833 1,833 1,833 1,833  
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Table F.1 (Continued) 
Stream no. 8 9 10 11 12 13 14 
Stream name Water in Digestate Biogas H2S removed H2S Free Biogas Chilled Biogas Condensed Water Moisture Free Biogas 
Temp, C 37 37 39 39 7 7 7 
Pres, bar 1 1 1 1 1 1 1 
Mol. Vap. Fract. 0 1 1 1.00 0.94 0 1 
Total, kmol/hr 1,233 217 0 216 216 12 205 
Total, kg/hr 22,386 6,382 13 6,369 6,369 216 6,154 
Total, m3/hr 23 5,591 10 5,600 4,744 0 4,744 
Mol. Fract.        
HYDROGEN - - - - - - - 
CO - - - - - - - 
CO2 0.01 0.47 - 0.47 0.47 0.00 0.50 
METHANE 0.00 0.45 - 0.45 0.45 0.00 0.48 
WATER 0.99 0.06 - 0.06 0.06 1.00 0.01 
OXYGEN - - - - - - - 
NITROGEN - - - - - - - 
NH3 0.001 0.012 - 0.012 0.012 0.000 0.013 
H2S 0.0001 0.0017 1 - - - - 
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Table F.1 (Continued) 
Stream no. 15 16 17 18 19 20 21 
Stream name Biogas Contaminants Purified Biogas Conditioned Biogas Compressed Biogas Air Compressed Air Process Water 
Temp, C 7 7 25 125 25 170 25 
Pres, bar 1 1 1 3 1 3 1 
Mol. Vap. Fract. 0.63 1 1 1 1 1 0 
Total, kmol/hr 4 200 200 200 124 124 155 
Total, kg/hr 73 6,080 6,080 6,080 3,572 3,572 2,795 
Total, m3/hr 61 4,647 4,949 2,201 3,075 1,526 3 
Mol. Fract.        
HYDROGEN - - - - - - - 
CO - - - - - - - 
CO2 - 0.51 0.51 0.51 - - - 
METHANE - 0.49 0.49 0.49 - - - 
WATER 0.37 - - - - - 1.00 
OXYGEN - - - - 0.20 0.20 - 
NITROGEN - - - - 0.80 0.80 - 
NH3 0.630       
H2S -       
 
  
 90 
Table F.1 (Continued) 
Stream no. 22 23 24 25 26 27 28 
Stream name Pressurized Water Steam Reformer Feed Heated Reformer Feed Reformer Product 1 Reformer Product 2 Reformer Product 3 
Temp, C 25 134 137 600 850 453 445 
Pres, bar 3 3 3 3 3 3 3 
Mol. Vap. Fract. 0 1 1 1 1 1 1 
Total, kmol/hr 155 155 479 479 650 650 650 
Total, kg/hr 2,795 2,795 12,447 12,447 12,447 12,447 12,447 
Total, m3/hr 3 1,715 5,418 11,608 20,242 13,092 12,941 
Mol. Fract.        
HYDROGEN - - - - 0.33 0.33 0.33 
CO - - - - 0.19 0.19 0.19 
CO2 - - 0.21 0.21 0.11 0.11 0.11 
METHANE - - 0.20 0.20 0.00 0.00 0.00 
WATER 1.00 1.00 0.32 0.32 0.21 0.21 0.21 
OXYGEN - - 0.05 0.05 - - - 
NITROGEN - - 0.21 0.21 0.15 0.15 0.15 
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Table F.1 (Continued) 
Stream no. 29 30 31 32 33 34 35 
Stream name Reformer Product 4 Reformer Product 5 Reformer Product 6 Reformer Product 7 Reformer Product 8 Condensed Water Syngas 
Temp, C 88 83 82 35 10 10 10 
Pres, bar 3 3 3 3 3 3 3 
Mol. Vap. Fract. 0.99 0.95 0.94 0.80 0.8 0 1.0 
Total, kmol/hr 650 650 650 650 650 134 516 
Total, kg/hr 12,447 12,447 12,447 12,447 12,447 2,408 10,039 
Total, m3/hr 6,454 6,059 6,024 4,468 4,052 2 4,050 
Mol. Fract.        
HYDROGEN 0.33 0.33 0.33 0.33 0.33 0 0.42 
CO 0.19 0.19 0.19 0.19 0.19 0 0.24 
CO2 0.11 0.11 0.11 0.11 0.11 0 0.14 
METHANE 0.00 0.00 0.00 0.00 0.00 0 0.00 
WATER 0.21 0.21 0.21 0.21 0.21 1 0.00 
OXYGEN - - 0.00 0.00 0.00 - - 
NITROGEN 0.15 0.15 0.15 0.15 0.15 0 0.19 
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Table F.1 (Continued) 
Stream no. 36 37 38 39 40 41 42 
Stream name Syngas Contaminants Purified Syngas Compressed Syngas Cooled Syngas Compressed Syngas 2 FTS Feed FTS Product 
Temp, C 10 10 128 70 212 230 230 
Pres, bar 3 3 8 8 20 20 20 
Mol. Vap. Fract. 1.0 1.0 1.0 1.0 1.0 1 0.99 
Total, kmol/hr 175 341 341 341 341 341 163 
Total, kg/hr 6,070 3,969 3,969 3,969 3,969 3,969 3,969 
Total, m3/hr 1,359 2,678 1,472 1,260 693 719 331 
Mol. Fract.        
HYDROGEN - 0.63 0.63 0.63 0.63 0.63 0.14 
CO - 0.37 0.37 0.37 0.37 0.37 0.15 
CO2 0.42 - - - - - 0.08 
METHANE 0.00 - - - - - 0.12 
WATER 0.01 - - - - - 0.47 
OXYGEN - - - - - - - 
NITROGEN 0.57 - - - - - - 
C2-C7      - 0.02 
C7-C25      - 0.03 
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Table F.1 (Continued) 
Stream no. 43 44 45 46 47 48 49 50 
Stream name Cooled FTS Products Fuel Gas Hydrocarbons Condensed Water Chilled Hydrocarbons Light Gases Diesel Condensed Water 
Temp, C 38 38 38 38 10 10 10 10 
Pres, bar 20 20 20 20 20 1 1 1 
Mol. Vap. Fract. 0.53 1 0 0 0 1 0 0 
Total, kmol/hr 163 82 5 76 5 1 5 0 
Total, kg/hr 3,969 1,683 912 1,375 912 17 893 1 
Total, m3/hr 108 105 1 1 1 12 1 0 
Mol. Fract.         
HYDROGEN 0.14 0.27 0.00 0.00 0.00 0.05 0.00 0.00 
CO 0.15 0.30 0.01 0.00 0.01 0.13 0.00 0.00 
CO2 0.08 0.15 0.05 0.00 0.05 0.43 0.01 0.00 
METHANE 0.12 0.24 0.02 0.00 0.02 0.24 0.00 0.00 
WATER 0.47 0.00 0.02 1.00 0.02 0.01 0.01 1.00 
OXYGEN - - - - - - - - 
NITROGEN - - - - - - - - 
C2-C7 0.02 0.03 0.06 0.00 0.06 0.14 0.05 0.00 
C7-C25 0.03 0.00 0.82 0.00 0.82 0.00 0.92 0.00 
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APPENDIX G: ASPEN INPUT FILE SUMMARY 
 
Figure G.1: Component Input List 
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Figure G.1: Continued 
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Figure G.2: Global Property Method 
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Figure G.3: Block Specific Property Method Option for all Anaerobic Digestion Blocks 
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Figure G.4: Non-conventional Components Defined in ASPEN for the Anaerobic Digestion Unit 
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Figure G.5: Component Attribute Input for Biomass 
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Figure G.6: Component Attribute Input for Fixed Carbon (FC) 
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Figure G.7: Component Attribute Input for Ash 
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Figure G.8: RYEILD Reactor Yield Data Input 
 
 
 
Figure G.9: RSTOIC Reactor Reactions Input 
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APPENDIX H: CATALYST COSTING 
 
Figure H.1: FTS Catalyst Costing 
 
Figure H.2: Reformer Catalyst Costing 
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APPENDIX I: CAPCOST EQUIPMENT LIST 
 
Figure I.1: CAPCOST Equipment List 
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Figure I.1: Continued 
 
